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Abstract
Biogas which mainly consists of methane and carbon dioxide is generated by digesting organic wastes,
energy crops, manure and sewage. It is mainly used in combined heat and power engines to generate
electricity. However, significant amounts of heat are produced along with the electricity which often
cannot be used. Thus, upgrading of biogas which is the separation of carbon dioxide from the
methane rich gas is more efficient and the product gas can be injected in the natural gas grid.
Conventional biogas upgrading techniques require significant amounts of energy, to regenerate sol-
vents and adsorption materials or to supply low temperatures for cryogenic distillation. Gas per-
meation membranes are an interesting alternative to conventional gas separation technologies. Due
to their moderate energy requirements, their simple and modular installation, gas permeation mem-
branes are most favorable applied to biogas upgrading in the agricultural production.
Gas permeation membranes are also permeable for the gas components to be rejected. In order to
obtain high product gas purities and high product recoveries at the same time intelligent multistage
gas permeation layouts are required. Due to the infinite number of possible process configurations
generic process development most likely results in sub-optimal process designs. Therefore, a super-
structure optimization model was used to identify the most promising membrane based process
configuration including the optimal process conditions. In addition, the optimal membrane material
was determined inherent Robesons upper bound characteristics. The optimal process layout was
converted into a rigorous dynamic process simulation to investigate changes in the process con-
ditions. A process control scheme was determined which maintains the product gas purity over
a wide range of variations in the process conditions. The rigorous model of the hollow fiber gas
permeation module was implemented in Aspen Custom Modeler and it accounts for non-ideal effects
such as Joule-Thomson cooling, concentration polarisation, real gas behavior and pressure losses.
Often membranes unfold their full potential when they are combined to conventional gas separation
equipment. Hence, the performances of hybrid gas separation systems are compared to conventional
biogas upgrading techniques.
The simulation and optimization models developed within this work at hand are not limited to the
application of biogas upgrading. An adaption to other gas separation application can easily be done.
Thus, these models allow for a fast, optimal and reliable design of gas permeation processes and
they build a valuable fundament for future work.
Zusammenfassung
Biogas besteht hauptsa¨chlich aus Methan und Kohlenstoffdioxid und wird bei der Fermentation or-
ganischer Reststoffe, Energiepflanzen, Gu¨lle und Kla¨rschla¨mmen gewonnen. Oftmals wird das Biogas
direkt in Blockheizkraftblo¨cken verstromt, wobei erhebliche Wa¨rmemengen anfallen, die ha¨ufig un-
genutzt an die Umgebung abgegeben werden. Eine Alternative zur direkten Nutzung des Biogases,
ist dessen Aufbereitung. Dabei wird hauptsa¨chlich Kohlenstoffdioxid vom Methan getrennt, um den
Brennwert des Gases zu erho¨hen und um ein Produktgas zu erhalten, das als Erdgassubstitut ins
Erdgasnetz eingespeist werden kann.
Zum Betrieb konventioneller Biogasaufbereitungsverfahren sind erhebliche Energiemengen erforder-
lich, um Lo¨semittel oder Adsorptionsmaterialien zu regenerieren oder um tiefe Temperaturen fu¨r
eine destillative Trennung bereitzustellen. Gaspermeationsmembranen stellen eine interessante Alter-
native zu konventionellen Biogasaufbereitungsverfahren dar. Insbesondere der einfache und modu-
lare Aufbau sowie moderate Energieverbra¨uche machen ein membranbasiertes Biogasaufbereitungs-
verfahren besonders attraktiv fu¨r den Einsatz in landwirtschaftlichen Biogasanlagen.
Gaspermeationsmembranen sind auch fu¨r die bevorzugt zuru¨ckgehaltenen Gase durchla¨ssig. Um
hohe Produktgasreinheiten und hohe Produktgasausbeuten zu erhalten, ist eine intelligente Verschal-
tung mehrerer Membranstufen erforderlich. Durch die Vielzahl mo¨glicher Prozesskonfigurationen und
Prozessparametern fu¨hrt eine auf Erfahrung basierende Prozessauslegung zu suboptimalen Prozessen.
In dieser Arbeit wurde die Methode der Superstrukturoptimierung auf Gaspermeationsprozesse ange-
wandt, um eine optimale Verschaltung von Gaspermeationsstufen und optimale Betriebsparameter
zu identifizieren. In einem weiteren Schritt wurde ein optimales Membranmaterial ermittelt und
hinsichtlich einer Markteinfu¨hrung bewertet. Das optimale Biogasaufbereitungsverfahren wurde in
ein rigoroses Prozessmodell u¨berfu¨hrt, um dynamische Prozesssimulationen durchzufu¨hren. Anhand
dieser Simulationen wurde ein Regelkonzept fu¨r das optimale Biogasaufbereitungsverfahren ermittelt.
Zur rigorosen Untersuchung von Gaspermeationsmodulen wurde ein Model fu¨r Hohlfasermembranen
in Aspen Custom Modeler implementiert. Das Modell beru¨cksichtigt nicht-ideale Effekte, die beim
Betrieb von Gaspermeationsmodulen beobachtet werden. Zu nennen sind: Der Joule-Thomson
Effekt, Konzentrationspolarisation, Realgasverhalten und Druckverluste zu beiden Seiten der Mem-
bran. Oftmals entfalten Membranen ihr Potential in Kombination mit konventionellen Gastrenn-
prozessen. Daher wurden hybride Gaspermeationsprozesse konventionellen Gasseparationsprozessen
gegenu¨bergestellt. Abschließend wurde ein Strukturoptimierungsmodell fu¨r das gesamte Biogas-
aufbereitungsverfahren erstellt, das neben der Abtrennung von Kohlenstoffdioxid, die Separation
von Wasserdampf und Schwefelwasserstoff vom methanreichen Gasstrom beru¨cksichtigt.
Die in dieser Arbeit entwickelten und implementierten Simulations- und Optimierungsmodelle sind
nicht auf Biogasaufbereitungsprozesse beschra¨nkt. Eine U¨bertragung auf andere Gastrennprobleme
ist leicht mo¨glich. Somit bilden die Prozess- und Optimierungsmodelle eine wertvolle Basis zur
schnellen, optimalen und verla¨sslichen Auslegung von Gaspermeationsprozessen.
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Introduction
1
Chapter 1 Introduction
Mother nature is fascinating. She converts the most disgusting and foul-smelling material, animal
excrement, into one of the most valuable product widely used in our every day life: methane.
The electrical energy supply in western countries is mainly based on fossil fuels such as oil, natural
gas and coal, and on nuclear energy production. Natural resources, including uranium, will decline
within the near future and the combustion of fossil fuels trigger the greenhouse effect [1]. Hence, a
transition to use renewable energy resources has to be made. Technologies to use solar and wind
power are available and they often convert these energies directly to electrical energy. Due to strong
fluctuations in solar and wind power, electrical energy storage is mandatory, but these technologies
are not profitable, yet.
An alternative to solar and wind power is the usage of biogas as a renewable energy resource
generated in the agricultural production, in sewage plants and from landfills [2]. Biogas which
mainly consists of CH4 and CO2 can be used to drive gas engines, combined heat and power cycles,
and gas turbines. In contrast to solar and wind power, biogas is produced continuously and it can
easily be stored in the natural gas grid after upgrading the raw biogas. In Germany the storage
capacity of the natural gas grid is 217 TWh. With an average natural gas consumption of 106 GW,
the natural gas grid could provide gas more than 2000h, without being replenished [3]. Hence, an
enormous energy storage is already available.
To inject biogas into the natural gas grid the heating value of the gas has to be increased
significantly. Gas components such as CO2, H2S and water vapor have to be removed from CH4 to
meet the natural gas standard and to avoid corrosion [4]. Various techniques for conventional gas
separation are available to selectively bind CO2 and to obtain a CH4 rich product gas which is ready
for grid injection. In biogas upgrading chemical and physical absorption, and adsorption technology
are applied to separate CO2 and CH4 [5]. Recently, gas permeation membranes are also used [2].
Compared to conventional gas separation techniques gas permeation processes are easy to operate,
robust and have a small footprint. Moreover, gas permeation membranes do not only remove CO2,
the ability to permeate H2S and H2O is even higher so that these gases could be removed from CH4
in one single step. Thus, they are an ideal technology for on-farm biogas upgrading. In Germany,
more than 93 % of the biogas is generated in the agricultural production [6]. Until now most of the
biogas is burned in decentral on-farm combined and heat power engines [7] but often the generated
heat cannot be used and consequently the total plant efficiency is low.
Providing an optimized membrane based upgrading process could support the application of biogas
upgrading rather than using combined heat and power engines. The upgraded biogas, which is
injected to the natural gas grid, can be used in central, efficient and large scale combined heat and
power cycles or gas turbines.
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1.1 Process design methodology
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Figure 1.1: Process design methodology in gas permeation. The process determines the material
and module design. Appropriate process design can be accomplished by performing
a structural optimization first and a detailed process design subsequently. The re-
sults from process simulation can be used to define objectives in module and material
development.
In this thesis at hand a membrane based biogas upgrading process is developed. Various software
tools have been designed and implemented to design, analyze and optimize biogas upgrading pro-
cesses. The software tools developed within the frame of this work are not limited to the separation
of biogas upgrading. They can easily be applied to other gas separation applications for instance the
polishing of natural gas, nitrogen and oxygen supply from air and to helium recovery and production.
1.1 Process design methodology
To design a membrane based biogas upgrading process, the methodology illustrated in Figure 1.1
is applied. The four stage procedure starts with selecting an appropriate membrane material and
choosing an adequate type of membrane module. Subsequently, the characteristics of the membrane
and the module are applied in process design. Performing structural process optimization prior to
detailed process design supports the design of the most profitable process configuration. The findings
of the process design steps can give an useful indication for future material and module development.
In the following section, the process design procedure is described in detail focusing on structural
optimization and detailed process design. Extensive literature is available for the selection of the
membrane material [8–11] and the type of membrane module [12–14].
The heart of a membrane based separation process is the membrane itself. Membrane materials have
to provide adequate permeances and selectivities, and the material has to be mechanically, thermally
and chemically stable. Minor components in the feed gas may destroy the membrane material [15]
and high carbon dioxide partial pressure may plasticize the membrane material [16]. Although many
different materials have been identified to have appropriate separation properties for common gas
separations, only nine materials are commercially applied in gas permeation processes [9]. Various
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materials such as carbon nanotubes and inorganic membranes have selectivities which are much
higher than for conventional polymeric materials. However, these materials cannot economically be
manufactured in large quantities, yet. Thus, the crucial issue in material selection is to identify a
membrane material with high selectivities and high permeances which is either easy to manufacture
or already commercially available.
Membranes are assembled in gas permeation modules. Three different types of modules are common
in gas permeation: hollow fiber, spiral wound and envelope type modules. When the raw gas is free
of dust and particles, hollow fiber modules are commonly used due to their high packing density.
Particles may block the hollow fibers and reduce significantly the separation performance [17]. In
contrast, spiral wound and envelope type modules are more tolerant to contamination by particles
or dust. The modules operate in counter current, co current or cross flow. In most gas permeation
applications counter current flow is preferred, as the driving force for permeation is higher compared
to other flow regimes. Details on the various module designs as well as on the operation of mem-
brane modules can be found in [12–14].
The selection of a process configuration is a crucial step in designing gas permeation processes.
Here a realiable and cost efficient design have to be found in order to compete with conventional
gas separation technologies. The process design can be distinguished into two steps which are the
structural optimization and the detailed process design. However, the structural optimization of gas
permeation processes is often not performed. Thus, only suboptimal processes are designed and the
membrane based separation does not unveil its full potential.
The structural optimization identifies the most economic process configuration by determining the
number of membrane stages, the recycles and the connections between the various membrane stages
and the compression equipment, respectively. In addition, the optimal process conditions are de-
termined [18, 19]. In particular, the process pressures on the feed and permeate side of the gas
permeation stages are calculated. Typically, short cut models for the involved unit operations are
applied to perform the optimization. Two different optima can be distinguished which are the eco-
nomic and the energetic optimum. However, the economic optimum is of higher practial relevance
as the energy demand can often be reduced by providing more membrane area. For an economic
evaluation capital costs and operational costs, have to be considered together with the sales of the
product. Optimizing gas separation process can either be performed by minimizing the process costs
or by maximizing the process profit. Constraints such as the purity of the product gas and the
required product recovery have to be specified. The optimization model is either a mixed integer
nonlinear program (MINLP), in case that process streams exist or not, or it can be a nonlinear (NLP)
program when process stream can be split into various streams.
Two strategies to solve such a mathematical program can be distinguished which are i) the applica-
tions of solvers which are able to solve the mathematical program directly [20] and ii) the application
of evolutionary algorithms [21] which is based on stochastic optimization. Both methods are used to
search for the optimal solution in large spaces (for many sets of parameters). Stochastic methods do
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Table 1.1: Commercial process optimization software.
Software Supplier
GAMS GAMS Development Corporation
AMPL AMPL Optimization LLC
AIMMS Paragon Decision Technology B.V.
GLPK Open source
not gurantee to identify the global optimum, while direct solution do. Biegler and Grossmann [22]
mentioned four methods to solve mixed integer nonlinear problems which are the branch and bound,
the generalized benders decomposition, the outer-approximation and the extended cutting plane
method. Algorithms to apply these methods are available in a small family of computer codes:
GAMS, AMPL, α-ECP and MINOPT. Details on that methods can be found in [22].
The final step of the proposed process design procedure is to size the equipment and to determine
the process conditions as precisely as possible. Accordingly, the application of rigorous models for
the involved unit operations is mandatory. While short cut models applied in structural optimization
typically neglect energy balances, these should be included in the rigorous models to monitor the
process temperatures and their effect on the separation performance. Process conditions in which
condensation may reduce the separation performance of the gas permeation modules can be de-
tected. The detailed process design analyzes whether critical process conditions such as explosive
mixtures are expected during operation. The detailed process design should also survey the process
performance for changed process conditions. Variations in the feed flow rate and composition have
a strong impact on process performance. Hence, sensitivity analyses over a broad range of process
conditions should be performed to identify critical conditions. Finally process control strategies can
be established to maintain the required product gas purities for changed feed conditions.
Table 1.1 shows common software packages and the software suppliers which can be applied in
structural optimization. All these packages provide a structured framework to develope general data
organization. Transforming the problem statements, methods for solving these problems can be
applied using sophisticated solvers [23, 24]. Remarkably, the problem formulation is independent of
the applied solver so that different solvers can easily be used to calculate the problem. Generally,
programs to solve MINLPs do not provide physical and chemical property data. If these properties
have to be included in the optimization the respective equations have to be implemented in the
model. Accordingly, the complexity of the model increases and often simplified short cut models are
used in process optimization. As the software packages to solve nonlinear mixed integer problems are
not dedicated to chemical process engineering, only limited tools for process evaluation are available.
In GAMS for instance sensitivity analysis can be performed. However, cost and energy evaluation
are not facilitated and the user has to programm the equations himself.
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Table 1.2: Evaluation of gas permeation models.
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Multicomponent + + + + + -
Real gas - - - - - -
Pressure loss bore side + + - - - -
Pressure loss shell side + + - - - -
Concentration polarization + - - - - -
Energy balance + - - - - -
Permeance (T,p) - - - - - -
Reference [25] [26] [27] [28] [29] [30]
Table 1.3: Commercial process simulators in chemical process engineering.
Software Supplier
Aspen Plus Aspen Technology Inc.
Aspen Hysys Aspen Technology Inc.
UNISiM Honeywell Process Solutions
CHEMCAD ChemStations Inc.
PRO/II Simulation Sciences
Table 1.2 lists various studies performed recently on the optimal design of gas permeation network
configuration. Most models applied in structural optimization of membrane networks are simple
and only the basic mass transfer equations together with mass balances are taken into account.
The energy balance and pressure losses are often neglected and constant permeances are assumed.
However, for structural optimization detailed models are not necessary as they would increase the
computing efforts and detailed calculation of the energy balance is only required if strong tem-
perature effects and their influences are expected (high Joule-Thomson coefficients together with
high transmembrane pressures). A detailed decription on the superstructure methodology and the
respective software packages to solve mixed integer nonlinear problems can be found in [19, 25, 29].
Commonly, five commercial process simulation packages are available for computer-aided detailed
process design. Table 1.3 presents these software packages. Most processes in chemical industry
involve conventional process equipment. The underlying balances for mass, momentum and energy
are only dependent on the process equipment. Hence, it is reasonable to implement these equations
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and provide the set of equations in model libraries [31]. These models can be used for numerous sets
of compounds and process configurations. In contrast, the physical and thermodynamic properties
of the fluids are highly dependent on the substances to be involved and the process conditions.
Therefore, these data are provided by extensive property databases [31, 32]. The parameters of
various equations of state and Gibbs free energy models determine the physical properties.
Models for process equipment such as heat exchangers, pumps, compressors, distillation columns
and absorption columns are available in the aforementioned model libraries. The underlying model
equations are usually programmed in FORTRAN- or C-subroutines.
Models for gas permeation modules are not available in commercial process simulation softwares [33].
Models of other membrane based separation technology (e.g. reverse osmosis, pervaporation) are
also not provided, since membrane technology is often not considered as state of the art separation
technology. Nevertheless, gas permeation models can be incorporated in common process simulation.
Applying user defined models is supported by predefined interfaces between the process simulation
package and common software development tools. Concerning the Aspen Plus R© simulation software,
user defined models can be programmed in
• Aspen Custom Modeler R© [12],
• FORTRAN
• or in Microsoft-Excel R©.
Using Aspen Custom Modeler R© to programm a user defined model of a gas permeation module
is convenient since the model can either be applied to process simulation or be used as a stand
alone model for analyzing gas permeation modules. In Aspen Custom Modeler R©, thermodynamic
properties can be applied and the model validation as well as first studies on single stage processes
can easily be performed. Implementing the gas permeation model in FORTRAN or Microsoft-Excel R©
is a simple alternative to apply these models in process simulation. By importing user defined models
in the Aspen Plus R© environment, these models can be used in the same way as any other model in
the Aspen Plus R© model library.
Process simulation software supports process development by providing tools for process analysis
and design:
• Sensitivity analysis
• Sizing process equipment
• Cost evaluation
• Determining energy demand
Analyzing the influence of process parameters or design parameters on the process performance can
be investigated by sensitivity analysis. Here, the parameters are variied within a predefined range and
7
Chapter 1 Introduction
Table 1.4: Evaluation of gas permeation models.
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Real gas + - - - - - - - - + +
Pressure loss bore + + + + - + + - - + +
Pressure loss shell - + - - - - + - - + +
Concentr. polarization - + - - - - - - - + +
Energy balance + + - - + - - + - + +
Permeance (T,p) - - + - - - + - - + +
Flowsheet integration - - - - + - - - + + +
Reference [34] [35, 36] [37, 38] [39] [40] [41] [42] [43] [44] [45] [33]
their influence on key performance indicators is calculated. The sensitivity analysis is a powerful tool
to monitor the impact of changes in composition and flow rates. Constraints can be included while
solving the equations to determine the size of process equipment. Economic evaluation packages are
available along with most commercial process simulation packages. In Aspen Icarus R© for instance,
operating costs and investment costs can be estimated. For gas permeation equipment the user
has to provide this data, since neither models for gas permeation modules nor data to estimate
process costs are available. The energy demand of conventional process equipment is calculated
along with the balances for mass, momentum and energy. In Aspen Plus R© the calculation method
(e.g. isentropic, polytropic) as well as the equipments efficiencies for determining the energy demand
of compressors can be specified.
Various gas permeation models have been programmed for the application in process simulation.
Table 1.4 lists and evaluates these models. Most gas separation processes involve more than two gas
species to be separated. Therefore, it is mandatory that models for process simulation are capable of
calculating multicomponent gas mixtures. Non-ideal effects such as pressure losses, Joule-Thomson
cooling, real gas behavior and concentration polarization may have a remarkable impact on the
separation performance. The Joule-Thomson Effect can be calculated with the energy balance. The
permeance of molecules through polymeric membranes is dependent on temperature and pressure.
Hence, Table 1.4 presents whether the models include these effects. The models are also evaluated
in terms of integration in conventional process simulators. Therefore, it is evaluated whether the
models were applied in process simulation or if any information is given on the flowsheet integration.
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Table 1.4 shows that most models can calculate multicomponent mixture and that the calculation
of pressure losses on one side of the membrane are taken into account.
1.2 Outline
Figure 1.2 illustrates the structure of the thesis. In Chapter 2 the current state of the art in biogas
upgrading is presented. Here, the boundary conditions for the subsequent chapters are set. Further-
more, an overview on membrane based biogas upgrading is given including examples for multistage
gas permeation processes.
In order to analyze the gas permeation process a detailed model of a hollow fiber gas permeation
module was developed and implemented in Aspen Custom Modeler which is presented in Chapter 3.
The model is based on the conservation equations for mass, energy and momentum. Non-ideal ef-
fects such as concentration polarization and real gas behavior are accounted for to realistically reflect
the separation performance of the gas permeation module. The model is extended and applied in
Chapter 5 to analyze the dynamic behavior of the membrane based upgrading process. Moreover, it
is used in the steady state process simulation to investigate membrane hybrid processes in Chapter 6.
Chapter 4 presents the application of a superstructure optimization model for gas permeation pro-
cesses. The model was implemented in the General Algebraic Modeling System (GAMS). The process
configuration, the required membrane areas and the process pressures are determined simulatenously,
by maximizing the profit of the upgrading process. In addition, the model is extended to identify the
optimal CO2/CH4 selectivity with respect to the upper bound of the Robeson plot. Hence, a simu-
latenous optimization of process layout, equipment sizes, process conditions and membrane material
is performed. For commercial membrane materials a three stage gas permeation process is the most
profitable process configuration, while a two stage process is optimal when the membrane selectivity
is optimized together with the process layout. The three stage membrane process is analyzed in
detail in the subsequent chapters.
In Chapter 5 the dynamic behavior of the three stage gas permeation process is analyzed with re-
gard to changing feed conditions. The dynamic process model including a multistage compressor
and process control equipment was set up in Aspen Plus Dynamics. The feed flow rate and the CH4
content in the feed gas are varied during dynamic simulation. Two different process control schemes
to maintain the product gas purity are proposed and analyzed. Both process control schemes operate
by changing the pressure on the permeate side of the gas permeation stages. Using the proposed
process control schemes, changes in the feed conditions can be compensated within short periods
so that product purity is maintained.
Chapter 6 presents a study on membrane hybrid processes which was performed in Aspen Plus. Gas
permeation membranes are combined with conventional biogas upgrading techniques to merge the
advantages of both technologies. Combinations of gas permeation with amine absorption, pressur-
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Figure 1.2: Structure of the dissertation.
ized water scrubbing and cryogenic separation are investigated. An additional process which uses
the permeate of the gas permeation stage to drive a gas engine is analyzed. In general, the appli-
cation of a single stage gas permeation membrane improves the upgrading process for conventional
gas separation techniques. The three stage gas permeation process is used as a benchmark for the
membrane hybrid processes.
Finally in Chapter 7, a process optimization for the entire biogas upgrading process is performed
using GAMS. Models of unit operations for CO2 removal, desulfurization and gas drying have been
implemented. A process optimization identifying the most profitable process configuration together
with the optimal unit operations and process conditions is presented. Key parameters such as elec-
tricity and steam costs have a remarkable impact on the optimal process configuration and process
profitability. Sensitivity analyses are conducted to evaluate the impact of electricity, steam and
membrane costs as well as of membrane selectivity, feed flow rate and CH4 content in the feed gas
on the optimal process configuration.
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2.1 Introduction
The transition from a fossil-based energy supply to energy generation from renewable resources is
mandatory but still pending [46]. Using biogas generated from organic substances can support this
transition [6]. In Europe, the biogas production in 2007 was 69 TWh (for comparison: 600 MW
coal fired power plant 5 TWh) [47] but the economic potential has not been exploited, yet [48].
Biogas is either used in combined heat and power engines (CHP) or it is used as a natural gas substi-
tute by removing CO2 from CH4. Today, most biogas plants operate by combusting the gas on-farm
in CHPs, which is inefficient when the produced heat cannot be utilized. Hence, the electrical power
efficiency is less than 40 % [5, 49, 50].
Upgrading the raw biogas, which is often referred to as biomethane, and supplying this gas to the
natural gas grid, seems an attractive alternative to its utilization in CHPs. Biomethane can be used
for both energy generation and as feedstock for the chemical industry [51]. In contrast to on-farm
CHPs, the supply of biomethane to the natural gas grid and the subsequent utilization of the gas
in combined large size heat and power cycles is more efficient as the generated heat is utilized by
customers demanding large quantities of heat, such as district heating or industrial customers [52].
Recently, first biogas upgrading plants were installed in Europe and in the US [53, 54] using tech-
nologies from the chemical process industry and natural gas treatment to remove CO2 from CH4.
These technologies are well established but have drawbacks such as the large size of the equipment
and high energy demand. Membrane technology is an alternative to conventional gas separation
processes as gas permeation membranes address the aforementioned drawbacks.
Thus, the present study is a review of membrane based biogas upgrading systems. As shown in
Figure 2.1, membrane processes have to be designed with a multiscale approach. Appropriate mem-
brane materials, as well as an efficient module and process design, determine the competitiveness
with conventional separation technology. In this study, various membrane materials will be pre-
sented. Commercial gas permeation module suppliers and their corresponding module designs will
be identified. The main focus of the present study is the membrane based process design which
includes single and multistage gas permeation processes as well as hybrid processes in which gas
permeation modules are combined with conventional separation equipment. Ultimately, a reflection
on the future perspectives of membrane based biogas upgrading will be presented.
Material design Module design Process design
Figure 2.1: Characteristics of membrane process design. First a membrane material has to be
selected. Then an adequate module has to be chosen, and finally the module has to
be integrated into the process.
12
2.2 The potential of biogas in the energy supply of the future
N
a
tu
ra
l 
g
a
s 
p
ip
e
li
n
e
Fermenter
CO2 removal H2S removal Dehydraon
Figure 2.2: Biogas upgrading process illustrating the required separating and polishing steps from
the fermenter to the natural gas grid. CO2, H2S, and H2O have to be removed before
the gas is injected into the pipeline.
2.2 The potential of biogas in the energy supply of the future
Biogas is generated by the digestion of organic matter in:
• Sewage plants
• Landfills
• Industrial wastes
• Agricultural production
Hence, biogas can be used as an energy source in industrialized as well as in developing countries.
The world energy demand in 2050 will be more than 1000 EJ/a. Resch et al. [55, 56] report that the
bioenergy use in 2004 has been 50 EJ. However, they distinguished between four different energy
potentials, which are the theoretical, the technical, the realizable, and the mid-term potential. For
energy supplied by biomass, they report a theoretical potential of 2900 EJ and a technical potential of
250 EJ. McKendry [57] note that biomass has currently a share of 10 % to 14 % in the world’s energy
supply. Other studies report that bioenergy will contribute 10 % to the future energy supply [58].
The share of biogas is expected to be 25 % of the total bioenergy [59].
Although the contribution of biogas to the future energy mix seems to be marginal, it is an important
energy source in some regions [60–62]. In contrast to solar and wind based energy supplies, biogas
is produced continously, so that it can be used for a base load energy supply.
2.3 Process description
The size of biogas plants in rural areas is limited by the economics of transporting the material for
digestion [7, 63]. Typical biogas plants generate raw gas flow rates of less than 4000 m3(STP)/h [5].
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Table 2.1: Mole fractions of biogas components ([53]) prior to the upgrading. The typical range
of biogas composition is given. As H2O will condense during the interstage cooling, the
mole fractions change significantly.
Compound Typical range
CH4 0.45–0.75
CO2 0.25–0.55
H2O 0.031
N2 0.0001–0.05
O2 0.0001–0.02
H2S 0.000006–0.02
Organic sulfur molecules < 0.00002
NH3 < 0.000006
Benzene, toluene, xylene < 0.000001
Siloxanes < 0.0000007
The raw gas leaves the fermenter at approximately ambient pressure and a temperature of 30◦C.
Figure 2.2 shows the process steps in biogas upgrading. The biogas is generated in a fermenter and
leaves the fermenter saturated with H2O. The most important cleaning step is CO2 removal, which
is referred to as upgrading the biogas. In addition, H2O and H2S have to be removed. Subsequently,
the upgraded and cleaned biogas is compressed and injected into the natural gas grid as a natural
gas substitute. The sequential arrangement of the various process steps shown in Figure 2.2 depends
on the corresponding upgrading technology [5].
Table 2.1 illustrates the raw biogas composition. The raw biogas consists mainly of CH4 and
CO2 and the composition is highly dependent on the biogas source and the applied substrate for
fermentation [64, 65]. Minor components such as H2S or NH3 are generated during fermentation
and these components also have to be removed before the upgraded gas is fed to the natural gas
grid.
In order to inject the gas into the natural gas grid, the gas has to be purified and it has to meet the
corresponding pipeline specifications. Table 2.2 presents the pipeline specifications for natural gas
injection in the US, in Austria, and in Germany. In the UK, no standard has yet been developed [66].
In the US the CO2 content is specified, which has to be lower than 2 vol-%, while in Germany the
Wobbe-Index is used to control the gas quality.
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Table 2.2: Pipeline specifications when supplying upgraded biogas to the natural gas grid: German,
Austrian, and US standards.
Unit Germany Austria US
Wobbe index kWh
m3
15 (12.8–15.7) 13.25–15.72
Upper heating value kWh
m3
8.4–13.1 10.7–12.8
Lower heating value kWh
m3
9.8–11.4
O2 dehydrated gas networks mol-% < 3 < 4 < 0.2–1
O2 not dehydrated gas networks mol-% < 0.5 < 0.5 < 0.2–1
H2S mol-% < 0.0003 < 0.0004 < 0.00037
H2O < dewpoint < dewpoint < 120 ppm
CO2 mol-% < 2–4
Ref. [4, 67] [68, 69]
2.4 State of the art biogas upgrading processes
Conventional CO2 separation equipment is well established in the chemical industry. Processes such
as physical and chemical absorption as well as adsorption are used in biogas upgrading [70]. In amine
absorption processes an absorption column and a desorption column are combined so that the amine
solution can be regenerated continuously by heating the amine solution. Hence, the CO2 is stripped
from the amine solution.
The advantage of amine scrubbing is that high CH4 purities (> 95 %) and low CH4 losses (< 0.1 %)
are achieved [5, 53]. However, the application of amine scrubbing is energy intensive, as steam has
to be supplied to regenerate the amine solution. Furthermore, the amine solution is sensitive to
impurities of H2S and thus H2S has to be removed before the raw gas enters the absorption column.
The amine scrubber operates at ambient pressure and the product gas is obtained at this low
pressure, so that a subsequent compression is required for gas grid injection. Amines are toxic and
malfunction of the upgrading plant may harm the environment and have an impact on the humans
and animals at the site. In addition, absorption columns are voluminous. The equipment size is not
a crucial issue for biogas upgrading processes at agricultural sites in terms of footprint. However,
the equipment size determines the capital costs.
In the pressurized water scrubbing process two columns, one absorption column and one desorption
column, are required. CO2 is absorbed in the H2O at elevated pressures. The H2O is regenerated
by decompressing the H2O and by feeding a stripping gas to the desorption column. Accordingly,
no heat is required to remove the CO2 from the H2O.
The pressurized water scrubbing process operates using only H2O as a solvent, which is more secure
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than applying chemical solvents. The absorption process operates at elevated pressures so that the
product gas is already pressurized. Since water scrubbers operate basically at pressures of less than
10 bar, the upgraded gas has to be compressed to grid pressure. Since H2S cannot be completely
removed from the H2O in the regeneration some of the H2O has to be removed in order to prevent
accumulation of sulfur components in the solvent. The selectivity of absorbing CO2 and CH4 is
limited, which results in significant CH4 losses.
In addition to the liquid separation processes, adsorption can be applied to capture CO2 on solid
surfaces [71–73]. In general, adsorption is a discontinuous process, but the application of multiple
adsorption vessels transforms the discontinuous process into a continuous process. While one vessel is
adsorbing the CO2 molecules from the bulk CH4 stream, the other adsorption vessels are regenerated.
To adsorb CO2 molecules, the raw gas has to be compressed. The loaded vessels are regenerated
by lowering the pressure in the vessel and the adsorbed molecules desorb. Two types of adsorption
mechanism can be used to separate CO2 and CH4, which depend on the solid material. Both rate
limited and equilibrium limited adsorption are applied in industrial scale separation systems [74].
Using pressure swing adsorption, gases with high CH4 purities (> 98 %) are produced [5]. However,
significant CH4 losses are unavoidable since some CH4 also adsorbs on the solid surface. Some
pressure swing adsorption suppliers have optimized the system using six vessels, and obtain CH4
recoveries higher than 98 % [5]. The system is rather complex and it requires intensive control and
maintenance due to its moving parts (control valves). As the pressure swing adsorption operates at
moderate pressure, the purified gas has to be compressed in an additional compressor. Furthermore,
there is a tradeoff between CH4 purity and CH4 recovery [53].
In order to obtain high purities for both gas components CO2 and CH4, cryogenic separation can
be used [75, 76]. However, this separation technique requires large quantities of energy as the
gas mixture is chilled down to less than −80◦C. The boiling point of CH4 is at −162◦C and the
sublimation of CO2 is at −78.5◦C (both at standard pressure). The required CH4 purity for natural
gas grid injection is 96 %, but the CH4 purity obtained from cryogenic separation is significantly
higher, which is inefficient. Moreover, cryogenic separation requires large processing equipment.
Accordingly, cryogenic separation is not used in biogas upgrading.
Detailed information on conventional upgrading equipment is available in [5, 77]. Table 2.3 compares
the various conventional upgrading processes in terms of electrical and thermal energy demand as
well as in terms of specific upgrading costs. The energy demand corresponds to the flow rate of the
product gas. The specific upgrading cost is related to the energy content of the product gas.
The aforementioned analysis of conventional process equipment for biogas upgrading indicates the
following main drawbacks:
• The processes are energy intensive.
• The CH4 rich product gas is at low pressure.
• Complex systems involving several process steps are required to remove CO2, H2S, as well as
16
2
.4
S
ta
te
o
f
th
e
art
b
io
g
a
s
u
p
g
ra
d
in
g
p
ro
cesses
Table 2.3: Comparing conventional upgrading equipment for CO2 removal. Pressure swing adsorption (PSA), chemical absorption using
amine scrubbing, and physical absorption applying pressurized water scrubbing are compared. The data is adapted from a
technical report by Fraunhofer Umsicht [5]. * including compression up to 7 bar. ** referred to the product gas
unit PSA Amine absorption Water absorption
Energy demand (el.)* kWh/m3(STP) 0.25 0.15 0.25
Energy demand (th.) kWh/m3(STP) 0.7–0.75 0.3–0.8 -
Specific upgrading costs** Euro cent/kWh 1.31 1.35 1.25
Product pressure bar 4-7 1.1 4-7
CH4 recovery - 0.97 0.999 0.98-0.99
Supplier CarboTech Eng. (D) DGE (D) Flotech (S, NZ)
Cirmac (NL) Cirmac (NL) Malmberg (S)
QuestAir (CAN) MT-Biomethan (D) YIT(S)
Verdesis (CH) CarboTech (D) RosRoca (D)
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Figure 2.3: The various unit operations in biogas upgrading are shown from the fermenter to the
natural gas grid. Generally, each individual separation is done by one individual unit.
The membrane system can perform the three separation steps in one step, which is an
advantage compared to conventional equipment for CO2 removal.
H2O, hence reducing the robustness of the system.
• Large equipment sizes.
• Associated materials such as water, amines, or activated carbon are required.
Membrane based gas separation seems able to address these drawbacks. Typical advantages of gas
permeation processes are [78, 79]:
• High energy efficiency
• Low capital costs
• Robustness of the process
• Ease of operation and maintenance
• Small footprint due to high packing densities of membranes in compact modules
• Product gas already at natural gas grid pressure.
A membrane based separation plant is mainly designed to remove CO2 from the CH4 bulk.
However, trace components in the raw biogas such as H2S or H2O permeate even faster through
the membrane than CO2 [80]. Therefore, gas permeation membranes could remove CO2, H2S,
and H2O in one step if sufficient driving force for permeation is provided. Figure 2.3 shows that
in conventional biogas upgrading processes, the removal of single gas components is performed by
individual units.
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2.5 Membranes for biogas upgrading
Membrane based biogas upgrading is an alternative to conventional upgrading technologies. In the
recent past, gas permeation membranes have frequently been applied to natural gas treatment [9, 69,
79–84]. Therefore, it is reasonable to adapt these membrane processes to biogas upgrading [85, 86],
since the gas mixtures involved are similar. However, the process conditions in natural gas treatment
and biogas upgrading are different. The natural gas is under pressure when it leaves the natural gas
field whereas in biogas upgrading, the raw gas has to be compressed to the pipeline pressure.
Basically, two entirely different membrane processes can be applied for separating CO2 and CH4 which
are the application of gas permeation membrane [15, 77, 87–89] and membrane contactors [90–
92], respectively. Since conventional membrane based gas separation is commonly done by gas
permeation, the present study focuses on gas permeation membranes as this technology is already
mature and is frequently applied.
2.5.1 Selectivity, permeability and permance
In gas permeation two type of membranes can be distinguished, dense and porous membranes.
While porous membranes are only applied in a handful of applications, dense polymeric membranes
dominate the gas permeation market. The separation of gases through polymeric membranes is
determined by the solution diffusion mechanism, which is based on the solution of the gas molecules
at the membrane surface of the feed side, the diffusion of the gas molecules through the membrane
and the desorption of the gas molecules at the permeate side of the membrane. Remarkable dif-
ferences in the solution and diffusion coefficients for different gas species allow for a separation of
these gases. The permeability P of a gas species j takes both effects into account:
P (j) = S(j) · D(j) (2.1)
S and D are the solubility and diffusivity of the gas molecules, respectively. However, the permeability
does not take the membrane thickness into account and thus it only reflects the material properties.
For a technical application of a gas permeation membrane the permeance Q which is
Q(j) =
P (j)
δ
=
S(j) · D(j)
δ
(2.2)
is more important as it reflects the membrane properties by taking the membrane thickness δ into
account. The selectivity α of a membrane is the ratio of the permeabilities for two different gas
species i and j
α(i , j) =
P (i)
P (j)
=
Q(i)
Q(j)
(2.3)
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Figure 2.4: Robeson’s upper bound curves for CO2 and CH4 separation in 1991 and 2008.
and it characterizes the separation performance of the membrane. For multicomponent gas mixtures
the selectivity is often reported with respect to the slowest permeating gas species.
Process design aims for both high selectivity and high permeance. However, there exist an inevitable
trade-off between these two parameters which was extensively analysed by Robeson. He published
trade-off curves for a handful of important gas separations in 1991 and 2008. Figure 2.4 shows both
upper bounds for the separation of CO2 and CH4.
2.5.2 Membrane materials
The membranes in biogas processes have to withstand harsh process conditions as significant quan-
tities of H2S and H2O are present and the gas is pressurized. Thus, the membrane material has
to be chemically resistant to those gases. Furthermore, the membrane material has to withstand
pressures of more than 25 bar and temperatures of more than 50◦C.
Various membrane materials are able to separate CO2 and CH4 and both polymeric as well as inor-
ganic materials can be used. However, in industrial scale gas separation, only polymeric membrane
materials are applied [9], due to their low manufacturing cost compared to inorganic materials.
Basu et al. [93] have compiled and reviewed current membrane materials for CO2/CH4 separation.
Table 2.4 presents these materials, their permeability P and CO2/CH4 selectivity. The membrane
materials are evaluated in terms of technology maturity. Here, materials which are commercially
available and which are manufactured in large quantities are referred to as commercial. Materials
which have recently been developed and are still under investigation are labeled as research.
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Table 2.4: Membrane materials suitable for biogas upgrading were analysed by Basu et al. [93].
The permeability is presented in Barrer. Polymers as well as mixed matrix membranes
(MMM) can be applied. In contrast to polymeric membranes which are commercially
available, mixed matrix membranes have not reached this stage yet and are under in-
vestigation.
Material CO2 (Barrer) α (CO2/CH4) Development
Polymer CA 6.3 30.0 commercial
Polymer EC 26.5 1.4 commercial
Polymer PC 4.2 32.5 commercial
Polymer PDMS 2700.0 3.4 commercial
Polymer PI 10.7 42.8 commercial
Polymer PMP 84.6 5.8 commercial
Polymer PPO 75.8 6.9 commercial
Polymer PSf 5.6 22.4 commercial
MMM CNT-PDMS 190.0 5.6 research
MMM silica nanoparticles-PSf (10 % np) 9.2 24.5 research
MMM SWNT-PSf(10 % SWNT) 5.2 18.4 research
MMM Cu-BPY-HFS -PI(30 wt) 10.4 27.5 research
Many of the recently developed materials show outstanding permeability and selectivity data, such
as SAPO-34 membranes [94–96]. However, it is difficult to manufacture these materials in industrial
scale quantities [96] and it is not expected that these materials can be manufactured in industrial
scale quantities within the next few years.
Polymeric membrane materials are commonly applied in gas permeation. The most frequently ap-
plied and suitable membranes for natural gas treatment are polyimides and cellulose acetate mem-
branes [69, 97]. However, cellulose acetate membranes are sensitive to H2O. Without pretreatment,
cellulose acetate membranes are unsuitable for biogas upgrading [69].
2.6 Membrane modules
For gas permeation, three types of modules exist: hollow fiber, spiral wound, and envelope type
modules [12]. Table 2.5 presents and evaluates the various types of gas permeation modules.
Due to the high packing densities, the application of hollow fiber and spiral wound modules is
common. The gas is compressed before it enters the membrane system. The compression equipment
has to be protected from particles as well as liquids and the corresponding components are removed
prior to compression. Hence, hollow fiber modules can be used in biogas upgrading processes
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Table 2.5: Comparison of hollow fiber, spiral wound, and envelope type gas permeation modules.
Adapted from [14].
Unit Hollow fiber Spiral wound Envelope
Packing density m2/m3 < 10000 200–1000 30–500
Approximate area per module m2 300–600 20–40 5–20
Costs for module US-$/m2 2–10 10–50 50–200
Pretreatment requirements high fair minimal
Table 2.6: Comparison of different membrane module designs to be applied to gas permeation.
The suppliers labelled with * are no longer active in the field of gas permeation.
Supplier Module type Polymer
Air Liquide Medal Hollow fiber Polyimide, polyaramide
Air Products Hollow fiber Polysulfone
Cameron former Natco Cynara Hollow fiber Cellulose acetate
GMT Membrantechnik Envelope type Poly(ethylene oxide)-
poly(butylene therephthalate)
Evonik Hollow fiber Polyimide
IGS Generon Membrane Technology Hollow fiber Tretrabrome polycarbonate
Kvaerner Membrane Systems * Spiral wound Cellulose acetate
MTR Inc. Spiral wound Perfluoro polymer, silicone rubber
Parker Hollow fiber Polyphenylene oxide
Praxair * Hollow fiber Polyimide
Sihi GKSS Envelope type Silicon rubber
UBE Membranes Hollow fiber Polyimide
UOP former Grace Spiral wound Cellulose acetate
without further pretreatment. Table 2.6 depicts the membrane module suppliers for treating natural
gas streams with the module type and the polymer used to separate CO2 and CH4, respectively.
2.7 Operating membrane modules
Operating gas permeation modules is accompanied by various physical effects which may influence
the module performance and should be considered when designing gas permeation plants. Fig-
ure 2.5 depicts these effects. The permeation of a gas from the pressurized side of a membrane to
the unpressurized side can be considered as an isenthalpic decompression of the gas. As the pres-
sure changes due to permeation and the composition of the gas is constant, the temperature has
to change (Joule-Thomson Effect). Details on the Joule–Thomson Effect were reported by Coker
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Figure 2.5: Various thermodynamic and physical phenomena influencing module performance in
the gas permeation process.
et al. [34], Gorissen [98], Welsch [99] and Scholz et al. [45]. The Joule–Thomson Effect results in
significant cooling of both the raw gas on the feed side of the gas permeation module and the gas on
the permeate side. The lower temperature in the module influences the thermodynamic behavior of
the gas as well as the mass transfer through the membrane [98]. The lower temperature may result
in the condensation of gases. The mass transfer of gas molecules through the polymeric membrane
materials increases with increasing temperature, while the selectivity decreases with increasing tem-
perature. As permeance decreases with decreasing temperature, a larger membrane area is required
to obtain the pipeline purity of the product gas.
Pressure losses in gas permeation modules are common. On both sides of the membrane, pressure
losses reduce the driving force of permeation. In general, these pressure losses are small. Neverthe-
less, pressure losses are pronounced at subambient pressure on the permeate side of the module. A
detailed analysis of pressure losses in hollow fiber gas permeation modules was reported by Rauten-
bach et al. [100] and Scholz et al. [45].
Due to the selective permeation of gas molecules, the retained gas species molecules accumulate at
the membrane surface. This phenomenon is referred to as concentration polarization [13, 101, 102].
It is highly dependent on the flux of the components through the membrane and the higher the
flux, the more pronounced is the concentration polarization. Concentration polarization reduces the
mass transfer through the membrane. Both the process selectivity as well as the flux are reduced.
Concentration polarization occurs in the porous support of the membrane and in the boundary layers.
Details on the effects of concentration polarization can be found in [45, 101, 102]. The permances
of commercially available membrane materials for CO2/CH4 separation are generally moderate so
that concentration polarization will not be an issue in biogas upgrading.
Since the biogas is delivered at high pressures to the natural gas grid, the real gas behavior of the
gas components has to be taken into account [45]. In particular, CO2 has a pronounced real gas
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Figure 2.6: Driving force generation concepts for gas permeation.
behavior which reduces the permeation of CO2. This effect increases with increasing pressure. More
information on the influence of real gas behavior on gas permeation can be found in [103].
It is a well known fact that high CO2 partial pressure causes significant sorption of CO2 in the
polymer matrix, translating to increased polymer chain mobility [16, 104–107], which is referred
to as plasticization. Thus, the mass transport for all gas species through the membrane increases.
Moreover, plasticization significantly reduces the selectivity of the gas permeation material. Hence,
it is essential to apply polymers with high selectivities as well as high plasticization resistance.
2.8 Gas permeation processes
2.8.1 Driving force generation
In gas permeation, the driving force of permeation is the partial pressure difference ∆pj of the gas
components from the feed side to the permeate side,
∆pj = xj · pF − yj · pP . (2.4)
Thus in gas permeation, three different methods can be applied to generate the driving force: feed
compression, a vacuum on the permeate side, and the application of a sweep gas on the permeate
side. Figure 2.6 illustrates these methods. On the left side of Figure 2.6, a gas permeation process
is presented in which the feed is compressed and the permeate side operates at ambient pressure.
The feed gas which is fed to the gas permeation module remains pressurized as it flows through
the module and leaves the module upgraded as retentate stream. Hence, the natural gas pipeline
pressure is generated by the compressor, which provides the driving force for permeation.
The central part of Figure 2.6 depicts a gas permeation process which applies sub-ambient pressure
on the permeate side of the gas permeation module to provide the driving force of permeation. This
process configuration is particularly efficient if small amounts of gas have to be removed from the
bulk streams and the components to be removed permeate quickly through the membrane. However,
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the generated pressure ratio is limited, due to a minimum applicable pressure of 0.2 bar for large
scale vacuum pumps [108]. Moreover, the upgraded biogas is not pressurized and an additional
compressor is required to supply the gas at natural gas grid pressure.
Using a sweep stream on the permeate side can be used to generate the driving force of permeation,
which is shown on the right hand side of Figure 2.6. Here, the permeate stream is diluted, so that
the concentration of the fast permeating components is reduced [109]. The raw gas, the product
gas, or an inert gas can be used as sweep gas and it has to be chosen carefully as it influences the
process economics. However, using a sweep stream can be inefficient if the permeate is the product
since the sweep gas contaminates the permeate stream.
Applying only a sweep gas operation is inappropriate, as only a limited driving force is generated.
The maximal applicable driving force by using a sweep gas is
∆pj = xj · pF − yj · pP︸ ︷︷ ︸
≈ 0
. (2.5)
For sweep gas operation, the last term in Eq. (2.5) is approximately 0. Hence, the driving force is
linearly dependent on the feed pressure. Without applying any pressure on the feed side, the driving
force is limited to a mole fraction of the respective gas components in the feed gas. Assuming a pure
gas on the feed side at atmospheric pressure, only a driving force of 1 bar is generated. In addition,
the feed gas is not pressurized, so the compression has to be done prior to grid injection. However,
using a sweep gas in combination with feed gas compression may be beneficial if an appropriate
sweep gas is available [109].
Using feed compression may be efficient since then the product gas is already pressurized. However,
as the raw gas contains significant quantities of CO2, it is also compressed and the corresponding
energy is lost when the gas permeates through the membrane. To compare the different methods
of generating a driving force, the required energy to drive the process has to be evaluated.
Figure 2.7 depicts the specific energy demand for a single stage gas permeation process as a function
of the CO2 mole fraction in the feed gas. Here, the feed gas is considered as a binary mixture of CH4
and CO2. In order to compare the operation in which subambient pressure on the permeate side is
used to the compression of the feed gas, a product CH4 mole fraction of 96 % is specified. The
specific energy demand is the ratio of the compressor load Pel and the product flow rate n˙product :
specif ic energy demand =
Pel
n˙product
(2.6)
The compressor efficiency is assumed to be 0.72. If subambient pressure on the permeate side is
applied, the pressure is assumed to be 0.2 bar and the feed pressure is 1.1 bar. When compression
of the feed side is applied to generate the driving force, the feed pressure in the gas permeation
module is 10 bar. In both cases, the pressure losses of the membrane module are neglected as the
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Figure 2.7: The specific energy demand is plotted as a function of the mole fraction of CO2 in the
feed gas. A high pressure operation on the feed side with a pressure of 1 bar at the
permeate side is compared to using a sub-ambient pressure of 0.2 bar on the permeate
side with a feed gas pressure of 1 bar.
pressure losses are low [45]. The permeate pressure is fixed at an ambient pressure of 1 bar.
Figure 2.7 shows that applying subambient pressure on the permeate side is favorable for CO2 mole
fractions in the feed of less than 15 %. If the CO2 mole fraction is higher than 15 %, feed compression
should be applied. For both a subambient pressure on the permeate side and applying high pressures
on the feed side, the specific energy demand strongly increases with increasing CO2 load in the feed
gas. Concerning biogas upgrading, in which the feed gas typically consists of 30 %–50 % CO2,
compression of the feed gas is beneficial.
In conclusion, when upgrading biogases containing CO2 mole fractions of more than 20 % feed
gas, compression should be applied. However, this is a rough estimate and should be used only
as an indicator. Three aspects have been neglected. First, a membrane based biogas upgrading
process would not consist of a single stage process, as CH4 losses are pronounced and strongly
degrade the economic efficiency of the process. Second, the compressors are modeled as single
stage compressors without interstage cooling. Normally, a three stage compressor with interstage
cooling would be applied if the gas is to be pressurized up to 16 bar. Biegler et al. [110] gave a rule
of thumb for determining the number of compressor stages N:
Pk
Pk−1
=
(
Pn
P0
) 1
N
. (2.7)
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Figure 2.8: The process equipment for a membrane based upgrading process. The raw gas leaving
the fermenter is pressurized up to the grid pressure by a multistage compressor using
interstage cooling. Subsequently, the gas temperature is controlled in a heat exchanger
to protect the gas permeation membrane from high temperatures. In the gas perme-
ation system, the raw gas is split into a CO2 rich stream which is referred to as the
permeate, and a CH4 rich stream, which is the retentate. The permeate stream is fed
to an exhaust gas treatment unit which captures the components not to be fed to the
environment.
Here, Pk
Pk−1
is the pressure ratio per compression stage, which ranges typically between 1.15:1 and
4:1 (see Table 2.7) and Pn
P0
is the pressure ratio for the entire compression. Third, using subambient
pressure on the permeate side delivers the product gas at 1.1 bar. Hence, a additional compressor
has to supply the pressure to inject the gas into the natural gas grid.
2.8.2 Conceptual process design
Figure 2.8 presents the basic flowsheet of the membrane based biogas upgrading process and the
required unit operations when gas permeation membranes are applied. The raw gas is compressed
to the required pipeline pressure. The pressure is slightly higher than the pipeline pressure in order
to overcome the pressure losses in the upgrading equipment and the piping system. Subsequent to
the compression, the gas flows to a heat exchanger to control the gas temperature and to avoid
high temperatures in the membrane system. Then the gas enters the membrane system to purify
the gas. A fine desulfurization unit lowers the H2S level when the membrane system is not able to
achieve the required H2S level. Finally, the purified CH4 enters the natural gas grid.
2.8.3 Process equipment
By upgrading biogas using gas permeation modules, at least four process steps are required, using
as equipment: compressors, membrane modules, a heat exchanger upstream of the gas permeation
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Table 2.7: Comparison of various compressors which could be applied for generating the driving
force. These compressors are evaluated in terms of pressure level, flow rate, and resis-
tance against acidic gases. Adapted from [111].
Axial Centrifugal Reciprocal
Pressure 25 bar – + +
Flow rate 100–2000 m
3
h
+ – +
Pressure ratio 1.15:1 1.7:1–3.1:1 3:1–4:1
Particle tolerance – – –
Liquid tolerance – – –
Changes in gas composition – – +
Efficiency up to 90 % 83 % 80 %–92 %
Appropriate for biogas – – +
modules, and the off gas treatment. The membrane modules have explicitly been described in Section
2.6. There are various types of compressors for generating the driving force: axial, centrifugal, and
reciprocal compressors. These compressors are frequently applied in the process industry as well as
in the energy generation industry. However, the application of these compressors are limited by the
pressure level to be generated and by the gas flow rate to be compressed. As the process conditions
may be harsh, due to elevated H2S and H2O concentrations at high pressures, the compressors have
to be resistant to these gases.
Table 2.7 summarizes the criteria which have to be met by the compression equipment in order to
compress raw biogas streams. Typical raw gas flow rates of industrial scale biogas upgrading plants
range from 100 m
3
h
to 2000 m
3
h
.
A heat exchanger is required to control the gas temperature at the gas permeation module inlet.
Due to the compression of the gas prior to the membrane system, the gas temperature increases
significantly and hence, the membranes have to be protected against high temperatures. In general,
both plate heat exchangers as well as shell and tube heat exchangers can be used. Due to the higher
packing density and the application at high pressures of more than 20 bar, it is recommended to use
a shell and tube heat exchanger in biogas upgrading.
The exhaust gas leaving the membrane based biogas upgrading system consists mainly of CO2.
However, significant amounts of H2S, H2O, and CH4 are present in the off gas, which cannot be
fed to the ambient. The off gas has to meet strict environmental standards [5] and particularly, the
CH4 content has to be reduced.
The CH4 content in the off gas determines the selection of the appropriate exhaust gas treatment
method. At low CH4 concentration (< 2 %), a thermal oxidation can be applied to reduce the CH4
content [5]. At low CH4 concentrations, the combustion has to be supported by a combustible gas.
At elevated CH4 (2 % – 6 %) concentrations, either a thermal or a catalytic oxidation can be used.
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Figure 2.9: Single stage membrane based biogas upgrading process using feed compression. Process
a) the permeate flows to the ambient. Process b) the permeate is partially recycled to
enhance the CH4 recovery.
Various tailor-made burners have recently been developed, e.g., the FLOX R©-burner and the catalytic
combustion system ZETECH4 R© (CarboTech, Germany) [5]. For driving the FLOX R©-burner (e-flox
GmbH, Germany), a CH4 concentration of more than 7 % is required. At low CH4 concentration,
of less than 0.4 %, the recupartive and the catalytic burner of Caverion (Caverion GmbH, Germany)
is able to reduce the CH4 content.
2.8.4 Single stage gas permeation processes for biogas upgrading
Figure 2.9 illustrates two single stage gas permeation processes for upgrading biogas. The process
on the left hand side is the most simple gas permeation process to remove CO2 from CH4. However,
the CH4 losses by applying this process are high and determined by the membrane selectivity. The
process on the right side shows a single stage process with a partial recycling of the permeate stream.
Applying this process, the CH4 recovery increases significantly [97]. Nevertheless, the CH4 recovery
is limited and cannot reach values of more than 95 % if a CH4 purity of 96 % has to be achieved.
In addition, the partial recycling of the permeate stream drastically increases the flow rate through
the compressor and hence increases the energy demand for driving the separation process. Details
on single stage processes were investigated by Jaeschke and Ajhar [89].
Figure 2.10 illustrates the trade-off between CH4 recovery and CH4 purity. Here, the CH4 purity is
plotted as a function of CH4 recovery for CO2/CH4 selectivities ranging from 20 to 100. The CH4
product mole fraction increases with decreasing CH4 recovery. However, the separation performance
is dependent on the membrane selectivity. The higher the selectivity, the higher the CH4 product
mole fraction for a specific CH4 recovery. If a CH4 recovery of 96 % is considered, the CH4 mole
fraction in the retentate is 66 % for a selectivity of 20 and 79 % for a selectivity of 40. However,
for 96 % CH4 recovery, the CH4 product mole fraction is 91 % for a selectivity of 80 and 93 % for a
selectivity of 100. Thus, the effect of membrane selectivity is less pronounced when high selectivities
are considered. Today, commercially available membrane materials have CO2/CH4 selectivities of
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Figure 2.10: Trade-off between CH4 purity and CH4 recovery for the separation of 50 % CO2 and
50 % CH4. The curves are presented for CO2/CH4 selectivities ranging from 20 to
100. The target value for biogas upgrading is illustrated.
about 20 [69]. Furthermore, to take advantage of highly selective membranes, high pressure ratios
have to be provided which is energy demanding [112]. Hence, membranes with selectivities of more
than 100 cannot effectively be applied.
The permeate mole fraction of CO2 depends on the pressure ratio, which is the ratio of the feed
pressure pF to the permeate pressure pP :
φ =
pF
pP
(2.8)
Figure 2.11 shows the permeate mole fraction of CO2 as a function of the applied pressure ratio.
The simulations were performed for a binary mixture of CO2 and CH4 with mole fraction of 50/50.
The permeate pressure is 1 bar and the retentate purity of CH4 is fixed at 96 %. The dashed
line in Figure 2.11 depicts the interface between the regime in which the gas permeation process is
selectivity controlled and the region where the pressure ratio most significantly influences the CO2
mole fraction in the permeate. This interface between the two regions is specified at a value of 90 %
of the permeate mole fraction of CO2 at an infinite pressure ratio which can be determined by [13]:
yCO2 =
α xCO2
1 − xCO2 + α xCO2
at (φ = ∞). (2.9)
Here, xCO2 is the CO2 mole fraction on the feed side of the gas permeation module and α the
membrane selectivity. In Table 2.8 these values are determined for various CO2/CH4 selectivities.
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Figure 2.11: Permeate mole fraction of CO2 as a function of pressure ratio for selectivities ranging
from 20 to 100. The dashed line specifies the interface between the regions where
the operation is selectivity controlled and where pressure ratio controlled.
Table 2.8: Calculation of the maximal CO2 mole fraction in the permeate at an infinite pressure
ratio. 90 % of the maximal value indicate the interface between the pressure ratio
controlled regime and the selectivity controlled regime.
Selectivity max. CO2 90 % of max. CO2
20 0.952 0.857
40 0.976 0.878
60 0.984 0.885
80 0.988 0.889
100 0.990 0.891
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(c) In the process two compressors are required
and the retentate of the second stage is
mixed with the retentate of the first stage.
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(d) In the process the feed gas is used as a sweep
gas on the permeate side of the second stage.
Here only one compressor is required.
Figure 2.12: Two stage processes for biogas upgrading.
For biogas upgrading, where pressure ratios of more than 16 and selectivities of more than 40
are used, it is likely that the gas permeation module operates in the selectivity controlled region.
However, applying single stage gas permeation processes is inefficient, due to significant CH4 losses.
Multistage gas permeation processes can be applied to tackle this drawback.
2.8.5 Multistage processes
Applying various membrane stages in a multistage system is a strategy to obtain high product purity
and simultaneously increase the CH4 recovery of the upgrading system. Figure 2.12 depicts four
different two stage upgrading processes. In process a), the first stage removes CO2 from the raw
biogas gas. However, the CH4 purity of the gas leaving the first gas permeation stage is lower than
the required CH4 purity for grid injection. In order to purify the CH4 stream, a second membrane
stage is applied, which controls the product purity. However, the permeate stream of the second
gas permeation stage contains significant amounts of CH4 and this stream is recycled to enhance
the CH4 recovery.
In process b), which was investigated by Deng et al. [49], the required CH4 purity is obtained in
one step. However, significant amounts of CH4 permeate through the membrane and a second gas
permeation stage is applied to recover CH4. A second compressor is required to generate the driving
force of permeation for the second gas permeation stage. The CH4 rich stream of the second stage
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Figure 2.13: Flowsheet of a three stage gas permeation process proposed by Makaruk et al. [42].
Here, the feed is used as a sweep gas to increase the driving force by mixing the
permeate of the third stage and the raw gas.
is recycled to the first stage compressor and is mixed with the raw gas.
Process c) is related to process b) [49]. Here, the CH4 rich stream obtained from the second mem-
brane stage is purified to meet the required purity for grid injection. This stream is mixed with the
CH4 rich stream from the first stage.
In process d) both using a sweep stream as well as compressing the raw gas are applied to generate
the driving force of permeation. Here, the raw biogas is used as a sweep gas to increase the driving
force in the second membrane stage. This process design is similar to that of process a). The ap-
plication of the sweep stream is only useful if the CO2 mole fraction of the permeate of the second
stage is higher than the CO2 mole fraction of the feed stream. Hence, the sweep gas reduces the
CO2 mole fraction on the permeate side of the second stage. The driving force increases and less
membrane area is required.
Figure 2.13 shows a three stage biogas upgrading process [42]. This process is similar to process
d) in Figure 2.12. The unpressurized raw gas is mixed with the permeate of the third stage. It is
important that mixing the raw gas stream with the permeate improves the process by diluting the
permeate stream of the second stage. Accordingly, less membrane area is required without increasing
the recycle stream.
In Figure 2.14 a three stage membrane process is shown which was recently patented by Evonik
Industries [113]. In this process polymeric membranes are applied which have CO2/CH4 selectivities
of more than 50. In the first stage the bulk of CO2 is removed from CH4. The retentate of the
first stage is fed to a second stage in which the final CH4 purity is adjusted. The permeate of
the second stage contains significant amounts of CH4. To increase the CH4 recovery the permeate
stream is recycled and mixed with the raw gas stream. In order to further increase the CH4 recovery
the permeate of the first stage which contains only a small fraction of CH4 is fed to a third gas
permeation stage. Here, the CO2 permeates through the membrane and it leaves the process as
exhaust gas. The retentate stream which is enriched in CH4 is recycled and mixed with the raw gas
stream. The driving force for permeation in the third membrane stage is generated by a pressure
control valve which adjusts the pressure on the permeate side of the first stage and the pressure on
the feed side of the third stage simultaneously.
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Figure 2.14: Three stage process in which CH4 purities of more than 96 % and CH4 recoveries of
more than 99 % can be realized.
By applying this process CH4 recoveries of more than 99 % can be obtained while the CH4 purity
is higher than 96 %. The high CH4 recovery is generally obtained on cost of the increased recycle
stream. However, an increased membrane selectivity reduces the recycle stream. In fact, process
data such as specific energy demand for industrial size upgrading plants based on the three stage
membrane configuration will be available soon. Thus, we will not include it in the following evalua-
tion (see Tab. 2.9).
Table 2.9 evaluates the various multistage processes in terms of CH4 recovery, specific energy de-
mand, specific membrane area requirement, as well as in terms of specific upgrading costs. Process b)
from Figure 2.12 has the lowest upgrading costs and the highest CH4 recovery. Compared to con-
ventional process technology presented in Table 2.3 the membrane processes consume slightly more
energy than the conventional processes. The specific upgrading costs are higher than the upgrading
costs for conventional upgrading equipment. Nevertheless, using a membrane system the product
gas is supplied at natural gas grid pressure so that no additional compression is required. In conven-
tional processes, the gas is supplied at low to moderate pressure. Thus, the energy and the costs for
compression to grid pressure are not included in the specific energy demand and the upgrading costs.
Therefore, the total upgrading costs including the compression to grid pressure should be used to
compare the different technologies and thus membrane based systems become more attractive.
2.8.6 Hybrid processes
Gas permeation processes are quite efficient for moderate purification of gases [79]. To obtain high
purity products from a gas permeation stage requires either a large membrane area or strong driv-
ing forces, which translates to significant operational costs. Hybrid processes in which membrane
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Table 2.9: Various gas permeation upgrading processes are compared in terms of energy demand, CH4 recovery, required membrane area,
and specific upgrading costs. Permeance of CO2 66.67 GPU; Permeance of CH4 2.08 GPU.
CH4 recovery Specific energy Specific area Upgrading costs Supply pressure Ref.
kWh/m3 m2h/m3 US-$/m3 bar
Single stage 0.855 0.277 1.70 0.228 20 [49]
Two stage (Figure 2.12 process a)) 0.957 0.318 1.92 0.220 20 [49]
Two stage (Figure 2.12 process b)) 0.997 0.286 1.69 0.201 20 [49]
Two stage (Figure 2.12 process c)) 0.973 0.295 1.57 0.206 20 [49]
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(b) The conventional gas separation equipment
is used to recover the CH4 lost in the perme-
ate of the membrane stage.
Figure 2.15: Hybrid processes for biogas upgrading.
technology is combined with conventional gas separation equipment may be superior to the individ-
ual processes in which only one single technology (i.e. amine scrubbing, membrane technology) is
applied [69].
Figure 2.15 illustrates two hybrid processes for biogas upgrading. In process a), the gas permeation
stage is used to perform the bulk separation of CO2 and CH4 so that only moderate CH4 purities
are obtained from the membrane stage. The conventional process equipment downstream of the gas
permeation stage polishes the CH4 stream. Two exhaust gas streams enriched in CO2 are generated.
In process b), the gas permeation stage is applied to obtain the CH4 purity in a single membrane
stage. However, as demonstrated in Section 2.8.4, the permeate stream contains significant quanti-
ties of CH4, which should be recovered. The permeate stream from the membrane stage flows to the
conventional gas separation equipment. Here, the size of the equipment is small, as the permeate
stream is generally less than 50 % of the raw gas stream. The recovered CH4 can be pressurized
and mixed with the product from the gas permeation stage.
2.8.7 Upgrading combined with utilization in combined heat and power engines
Gas permeation processes can be linked efficiently with combined heat and power engines [114].
Here, the permeate of the membrane stage contains CH4 for driving the combined heat and power
engine. This option is quite promising, as the heat generated at the engine can be used efficiently
for heating the fermentation process. A detailed investigation of such a process was recently carried
out by Makaruk and Harasek [114].
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2.9 Installed membrane based biogas plants
Although membranes show remarkable performance in upgrading biogas, only a limited number of
membrane based upgrading plants have been installed. Table 2.10 lists the plants which have been
installed in the last few years in Europe and the US. In principle, two categories of biogas upgrading
plants are distinguished: commercial plants and plants installed for research.
2.9.1 Membrane based upgrading plants in research and development
In 1989, Rautenbach and Welsch [87, 115] constructed a biogas upgrading plant which operated for
more than two years at a landfill in Germany. The flow rate of the raw gas was 200 m3(STP)/h
and the gas was supplied to the natural gas grid at 35 bar. Polyimide hollow fiber modules (UBE
Industries) with an area of 700 m2 were installed. They analyzed various multistage processes and
identified a two stage cascade with a recycle of the second step permeate as a simple and reliable
upgrading process (see Figure 2.12 process a)). In addition, they analyzed the influence of the
Joule–Thomson Effect on the permeation performance.
Stern et al. [15] built a membrane based biogas upgrading plant which was installed to upgrade
gas generated by a municipal waste water treatment plant. The flow rate was 3.4 m3(STP)/h and
the CH4 mole fraction of the feed gas was 63 % balanced with CO2 and small amounts of organic
compounds. However, the raw gas was compressed to 55 bar to supply both the pressure to drive
the separation process and the required grid pressure. A single stage process was implemented, to
investigate the separation performance of the gas permeation modules.
Makaruk and Harasek [114, 116] presented experimental results from a gas permeation plant which
produces natural gas substitute for utilization as fuel gas and for grid injection. A two stage mem-
brane cascade was installed with recycling of the second stage permeate (see Figure 2.12 a)). The
upgrading plant produces 100 m3(STP)/h of biomethane with a CH4 purity of 98 %.
2.9.2 Commercial membrane based upgrading plants
In Europe only a limited number of membrane based biogas upgrading plants exist. Recently, some
plants were installed using polymeric membrane materials. In the US, various membrane based
upgrading plants were installed by Air Liquide. Here, a short overview of the existing plants is given.
The first commercial gas permeation based biogas upgrading facility in Europe was installed in 1990
in Collendoorn (The Netherlands). The raw gas is produced from a landfill and 25 m3(STP)/h are
injected into the natural gas grid. Hollow fiber membranes (Cirmac) produce a moderate CH4 purity
of 88 %.
In 2010, Bebra Biogas installed a two stage biogas plant in Kisslegg-Rahmhaus (Germany) with a
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Table 2.10: Installed membrane based biogas upgrading plants. Flow rates labelled with * refer to
the raw gas flow rate.
Country Location Operating since Product flow rate [m3/h]
The Netherlands Collendoorn 1990 25 (today 375)
The Netherlands Beverwijk 2006 80
US Raeger (PA) 2006 4721*
US Johnson City (TN) 2006 2361*
Austria Bruck an der Leitha 2007 100
US Kersey (PA) 2007 14164*
US Imperial (PA) 2007 7082*
US Cairnbrook (PA) 2007 4721*
US Davidsville (PA) 2007 2361*
US Oklahoma City (OK) 2008 2361*
US Church Hill (TN) 2008 2361*
US Winder (GA) 2008 7082*
US Atlanta (GA) 2009 8263*
US Seattle (WA) 2009 18886*
Germany Kisslegg-Rahmhaus 2010 300
The Netherlands Witteveen 2010 200
US Pittburgh (PA) 2010 4721*
US New Orleans (LA) 2010 10623*
Austria Wiener Neustadt 2011 120
US Athens (TN) 2011 3541*
US San Diego (CA) 2011 2361*
US Fresno (CA) 2011 2361*
Norway Lillehammer 2012 30
UK Poundbury 2012 650
Germany Sachsendorf 2012 150
Switzerland Pratteln 2012 210
Germany Zeven 2012 250
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capacity of 300 m3(STP)/h upgraded biogas. A CH4 purity of 98.7 % is achieved and the plant
operates at feed pressures of 5–7 bar. The CH4 mole fraction in the permeate ranges between 3 %
to 8 %. Prior to the gas permeation stage, the gas is dehydrated by condensation and the H2S is
removed by activated carbon. Two stage compression equipment is installed.
In the US, the first membrane based upgrading plant was installed in 1993 at a landfill in Los Angeles
County with a capacity of 2600 m3/h raw gas. The product gas is used as fuel and has a CH4 purity
of 97.5 %. The membranes were provided by UOP (Separex
TM
).
2.10 Future perspectives
We expect that membrane based biogas upgrading will be frequently used as a future upgrading
technology due to
• An enhanced acceptance of membrane technology by biogas users, plant designers, and gas
suppliers, caused by the currently installed reference plants.
• Easy and robust operation as well as the energy efficiency of the gas permeation system.
• High CH4 recoveries, of more than 99.5 %.
• Improved membrane materials with selectivities higher than 60 and adequate permeances.
• Exploration of the biogas upgrading market for small upgrading plants (< 100 m3(STP)/h)
where membrane based biogas upgrading is particularly efficient.
• The general trend to exchange combined heat and power engines by upgrading equipment.
• The great potential of biogas utilization in India [117–121] and Brazil [122–124]
Research challenges in membrane based biogas upgrading include:
• Stability against minor components such as H2S
• Plasticization of polymeric membrane materials at elevated CO2 partial pressures
2.11 Conclusions
In this current study concepts for membrane based biogas upgrading processes are presented. The
biogas upgrading process as well as conventional upgrading processes and their characteristics are
presented as a benchmark for the membrane process. Gas permeation processes have outstanding
properties which make them superior to conventional gas separation equipment in biogas upgrading.
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However, single stage membrane processes are not able to upgrade the raw biogas economically
and limits of the gas permeation process are discussed in detail. Nevertheless, the typical trade-off
between product gas purity and CH4 recovery can be dismantled by applying multistage gas perme-
ation networks. Here, high CH4 purities as well as high CH4 recoveries can be obtained at the same
time.
The increased application of membrane based biogas upgrading in the future is expected. The devel-
opment of polymeric membrane materials which are easy to manufacture and have high CO2/CH4
selectivities will fuel the application of gas permeation membranes. In addition, many small scale
on-farm combined heat and power engines will be replaced by biogas upgrading equipment as the
generated heat cannot be used efficiently. Ultimately, gas permeation systems are an excellent
technology to upgrade biogas as the upgraded gas is delivered at natural gas grid pressure and no
additives such as organic solvents are required to purify the raw biogas.
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3.1 Introduction
Models for process simulation are important for analyzing how small changes in gas processing effi-
ciency translate to significant improvements in cost-effectiveness. Exactly predicting the operation
of gas permeation modules requires the simulation of non-ideal module behavior.
Within the past decade, many studies have modelled gas permeation processes. For example,
Ohlrogge compiled and compared various gas permeation modules [125]. Most of these cited mod-
els focus individually on particular non-ideal effects such as concentration polarization, the Joule-
Thomson Effect, real gas behavior and pressure losses.
The phenomenon of concentration polarization has been extensively investigated by Mourgues and
Sanchez [101]. They note that concentration polarization becomes significant when the gas per-
meation membrane has selectivities of 100 and permeances of higher than 1000 GPU for the faster
permeating component. Their model, however neglects real gas behavior and assumes isothermal
conditions. This model also cannot be used in flowsheeting software such as Aspen Plus R© to perform
more complex process simulation.
A few studies reported about Joule-Thomson cooling in gas permeation [98]. Rautenbach and
Dahm [88] investigated temperature in gas permeation modules for separating CO2 and CH4. Coker
et al. [34] programmed a model to analyze the Joule-Thomson Effect also for CO2/CH4 separation
but it cannot be applied in process simulators. Pressure losses on the shell side of the gas permeation
module are also not considered.
Pressure losses along the flow channels of feed and permeate are either modelled using Hagen-
Poiseuille type of differential equation [37, 78, 126, 127], using experimental data [36] or are ne-
glected [40]. When pressure losses are taken into account the pressure on the shell side of hollow
fiber gas permeation modules is often assumed to be constant [37].
Often conventional gas permeation models assume ideal gas behavior [39, 44] for each gas compo-
nent to be separated. A few studies analyze the influence of real gas behavior on module perfor-
mance [33, 103, 128]. However, the latter study focuses on modelling envelope type gas permeation
modules.
As shown above, conventional gas permeation models are either unsuitable for process simulation
or often do not account for non-ideal effects as a whole. Thus, this current study presents a new
model which addresses these problems: it can be used in process simulation and it considers all of
the aforementioned non-ideal effects together. The applied equations for a hollow fiber gas per-
meation module have been programmed using Aspen Custom Modeler R© (ACM). Up to now only a
temperature dependent permeance is implemented. The pressure and composition dependence of
permeance can easily be included by providing a polynominal interpolation of mixed gas data.
Using this comprehensive model, we quantify in two studies how the accummulation of non-ideal ef-
fects influence the simulation results for the module performance. The simulation results are verified
by mixed gas membrane separation data and by literature data published by Pan [129].
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Table 3.1: Model parameters for the simulation of a hollow fiber membrane module.
Model parameters
Outer fiber diameter
Porous support thickness
Fiber length
Fiber packing density
Heat transfer coefficient
Number of fibers
Permeance of each component
Activation energy of each component
3.2 Mathematical description of fundamental equations
The model of a hollow fiber membrane module was programmed in Aspen Custom Modeler R© (version
2006.5) which is part of the Aspen Tech simulation engine. Designed to simulate steady-state, this
model can simulate multicomponent mixtures and can be extended to a dynamic simulation model.
The model parameters include geometric as well as material properties summarized in Table 3.1.
Module properties such as the pure gas permeances, the activation energy for the temperature
dependent permeance, and the heat transfer coefficient have to be obtained from experimental
analysis.
3.2.1 Material balance
The ACM model is based on ordinary material balances for each gas component. Both counter-
current flow as well as co-current flow conditions can be modeled with the presented model. Since
counter-current flow is often advantegous over co-current flow [12], this whole study deals with
counter-current operation. The differential mole balances for the retentate and the permeate are:
dn˙R
dx
+ n˙
′′
W = 0 (3.1)
dn˙P
dx
+ n˙
′′
W = 0 (3.2)
whereby, n˙R and n˙P refer to the molar flow rate on the retentate side and the molar flow rate on
the permeate side, respectively. The flux through the membrane is designated by n˙
′′
. In Figure 3.1
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Figure 3.1: Material balance for the retentate side and the permeate side of the gas permeation
module.
W delineates the width of the module that is quantified as:
W = nof · pi · d (3.3)
Whereby the term nof and d designate the number of hollow fibers and the outer fiber diameter,
respectively. The material transfer through the membrane n˙
′′
is modeled by applying the solution
diffusion model and by assuming:
• Pressure-independent permeances
• No coupling of the permeating species
• Equal chemical potentials between gas and membrane phase
Accordingly, the flux of component j is:
n˙
′′
j = Qj (xj pF − yj pP ) (3.4)
The empirical determined permeance Qj and the partial pressure difference specify the mass transfer
of the component j through the membrane. Here, xj and yj delineate the mole fraction of the gas
components on the retentate side and on the permeate side, respectively, whereby pF is the feed
pressure and pP is the pressure of the permeate side.
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3.2.2 Energy balance
As thermodynamic effects may accompany gas permeation processes [10], it is essential to include
the energy balance describing the temperature along the membrane module. The counter-current
energy balance for the retentate side and for the permeate side are:
dH˙R
dx︸ ︷︷ ︸
ret. enthalpy
+ n˙
′′
W hMem︸ ︷︷ ︸
perm. enthalpy
+ k (TR − TP )W︸ ︷︷ ︸
heat transf er
= 0 (3.5)
dH˙P
dx
+ n˙
′′
W hMem + k (TR − TP )W = 0 (3.6)
Here, H˙R and H˙P delineate the enthalpy of the gas on the retentate side and the enthalpy of the
gas on the permeate side, respectively. The temperatures on the feed side and on the permeate side
are TR and TP , respectively. The molar enthalpy of the flow permeating through the membrane is
hMem.
Both Equations 3.5 and 3.6 are based on three different phenomena: the change in enthalpy along
the hollow fiber, the heat transfer through the membrane due to temperature difference on both
sides of the membrane and the enthalpy transferred by permeation.
The transferred heat depends on the heat transfer coefficient k of the membrane material (mainly
the porous support layer) which has to be determined experimentally or is available in literature. The
temperature and pressure to determine the molar enthalpy of the permeating stream are assumed
to be equal to the temperature and pressure on the feed side [34].
3.3 Mathematical description of non-ideal effects
By operating gas permeation membrane modules, various non-ideal effects may be observed. In this
current study, the following non-ideal effects are considered:
• Real gas behavior, in particular, upon applying pressures of more than 10 bar [125]
• Pressure losses on the bore side and shell side of the module [17]
• The Joule-Thomson Effect if significant amounts of CO2 permeate through the membrane [34]
• Concentration polarization in case of high permeable membranes
Depending on the separation process, these effects have to be taken into account to accurately
describe the module performance. The real gas behavior depends on the gas components involved
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Figure 3.2: Fugacity coefficients of CH4, CO2 and C3H8 as a function of temperature at a pressure
of 10 bar and 50 bar.
and reduces the driving force by decreasing the partial pressure of that component. Generally, the
real gas behavior adversely affects separation performance, because the driving force of permeation
is reduced for the various gas components. Hence, larger membrane areas are required for separa-
tion. Pressure losses on both sides of the membrane also reduce the driving force of permeation.
Moreover, significant temperature changes of the gas are caused by the Joule-Thomson Effect. By
reducing the gas temperature, the membrane selectivity increases whereas the permeances decreases.
Concentration polarisation negatively influences the separation performance and may limit module
performance.
3.3.1 Real gas behavior
Real gas behavior is incorporated in the model by calculating the fugacity coefficients. Accordingly,
the mass transfer is assigned as:
n˙
′′
j = Qj (ϕj,R xj pF − ϕj,P yj pP ) (3.7)
Whereby, ϕj,R and ϕj,P delineates the fugacity coefficient of each gas component on the retentate
side and on the permeate side, respectively.
Real gas behavior considers interactions of the gas molecules. It can be determined by calculating
the fugacity coefficients which are determined by an ACM procedure. Using the procedures in ACM
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an equation of state or an activity model must be specified. For permanent gases the Soave-Redlich-
Kwong Equation of State is applied [125, 130]. Figure 3.2 shows the fugacity coefficients of CH4,
CO2 and C3H8. It can be seen that CO2 and C3H8 distinctly exhibit real gas behavior whereas CH4
shows ideal gas behavior. At higher pressures the fugacity coefficients decrease strongly.
3.3.2 Pressure losses
Pressure losses on both sides of the membrane can significantly reduce the driving force. The
pressure losses are calculated by assuming laminar flow in the bore of the fiber and on the shell side
of the module [13, 17]. The pressure losses are calculated by:
dpb
dx
= − ξ ρ
2 · did v
2 (3.8)
dps
dx
= − ξ ρ
2 · dhyd v
2 (3.9)
The terms pb and ps represent the pressure of the bore side and the shell side, respectively. The
terms did and dhyd delineate the inner fiber diameter and the hydraulic diameter of the shell side,
respectively. The gas velocity is designated by v and ρ refers to the gas density.
By assuming laminar flow on both sides of the membrane, the friction factor ξ can be calculated by:
ξ =
64
Re
(3.10)
Whereby Re is the Reynolds number. Hereby, Equation 3.10 is valid for Reynolds numbers lower
than 2300. Typical gas velocities range from 0.01 − 0.38 m
s
on the permeate side and 1.5 − 1.7 m
s
on the retentate side. Thus, since the Reynolds number is 220, the assumption of laminar flow is
valid.
3.3.3 Joule-Thomson Effect
The permeation of a gas through a membrane can be compared to an isenthalpic decompression
which is accompanied by a change in temperature from the feed to the permeate side and is char-
acterized by:
hR(xR, TR, pF ) = hP (yP , TP , pP ) (3.11)
Here, hR and hP delineate the molar enthalpy on the retentate side and on the permeate side,
respectively. Table 3.2 depicts the Joule-Thomson coefficients for various gases. In particular, since
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Table 3.2: Joule-Thomson coefficients at 30 ◦C and 10 bar [131].
Constituent Joule-Thomson coefficient [ K
bar
]
H2 -0.03
N2 0.20
O2 0.26
CH4 0.42
CO2 1.05
C3H6 1.95
C3H8 2.03
CO2 has a high Joule Thomson coefficient, applications involving CO2 at high feed pressures are
prone to large temperature changes in the module.
The permeance and the selectivity of the membrane material are dependent on temperature [10] and
the Joule-Thomson Effect may change the temperature in the gas permeation module. Permeance
as a function of temperature is described by using the following Arrhenius type equation [8, 13, 132].
Qj(T ) = Qj0 · exp
[
− Eℜ ·
(
1
T
− 1
T0
)]
(3.12)
Where E is the activation energy and ℜ is the molar gas constant. The reference permeance Qj0
is determined at the reference temperature T0. With regard to glassy polymer membranes, it is a
well-known fact that higher temperatures lead to reduced selectivities and increased permeabilities.
Reduced temperatures may also cause condensation of condensable gas components. Condensation
have to be avoided since acidic gases might dissolve in the condensate and could attack the membrane
material. Furthermore, a liquid film or droplets on the membrane surface would induce an additional
mass transfer resistance, thereby reducing the flux through the membrane.
A physical property database in ACM can be used to monitor phase changes in the membrane
module. The dew point temperatures as well as the gas temperatures are determined this way.
3.3.4 Concentration polarization
Concentration polarization may significantly reduce module performance by increasing the flow
through the membrane of the retained components and decreasing the respective flow of the prefer-
entially permeating components. Figure 3.3 illustrates that concentration polarization occurs in the
boundary layers as well as in the porous support. Figure 3.3 also shows the variables presented in the
following equations. Concerning asymmetric membranes, it is assumed that the active membrane
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Figure 3.3: Concentration polarization considering bore side feed and the active membrane layer
on the outer fiber diameter.
layer is located at the outer circumference of a hollow fiber. In addition, it is assumed that the
feed enters the bore of the fiber. The bore side feed configuration is used to avoid maldistribu-
tion of the feed gas. Using outside-in operation, the gas flowing around the fibers would suffer
from preferential flow through less dense fiber packings. Inside-out operation is preferred when the
retentate is the product gas and when high product purities are required. In low pressure applica-
tions (<15 bar), feeding the gas to the bore side is commercial practice for instance in separating
O2/N2 [100, 132, 133]. For high pressure application (>15 bar) the gas is fed on the shell side of
the gas permation module due to the mechanical stability of the hollow fibers.
The governing equations to determine the concentrations at the membrane surface are based on
differential mass balances in the boundary layers and in the porous support. These balances are
presented by Melin and Rautenbach [13]. Within the boundary layers, the diffusion coefficient and
the boundary layer thickness can be replaced by the mass transfer coefficient k which is specified
by Sherwood correlations [13]. The bulk concentration xj,B and the concentration at the surface of
the porous support xj,P are linked by the following equation:
xj,B − x∗j
xj,P − x∗j
= exp
(
− n˙
′′
cTot · kj
)
(3.13)
Whereby, x∗j and cTot delineate the local mole fraction of each gas component in the membrane and
the total concentration of gas molecules in the gas phase, respectively. The local mole fraction of a
gas component in the membrane is determined by the ratio of the flux of the respective component
through the membrane and the total flux of all gas components through the membrane.
x∗j =
n˙
′′
j
j=n∑
1
n˙
′′
j
(3.14)
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The mass transfer coefficient kj on the feed side is calculated by the following Sherwood correlation:
ShFeed =
kj · d
Dj
= 1.62
(
ReFeed · ScFeed ·
d
L
) 1
3
(3.15)
The terms ReFeed and ScFeed designate the Reynolds number and the Schmidt number on the
retentate side of the gas permeation module. Here, d and L refer to the inner fiber diameter and
the length of the fiber, respectively.
The permeating molecules passing through the feed side boundary layer subsequently enter the
pores of the porous support layer. Concentration polarization exists in the porous support, and
the concentration profile of the various gas components within the porous support is determined
by a differential mass balance. Since the thickness δ of the porous support is known, there is no
need to use a Sherwood correlation for determining this. Equation 3.16 shows the concentration
on the membrane surface xj,M to be dependent on the concentration at the interface of the porous
support xj,P
xj,P − x∗j
xj,M − x∗j
= exp
(
− n˙
′′ · M
δM · ε · Dj
)
(3.16)
whereby, M is the molar weight, δM is the support thickness, and the terms ε and Dj delineate
the porosity of the porous support and the diffusion coefficient of component j, respectively. The
diffusion coefficients are available in the Aspen Properties R© database. The diffusion coefficients are
determined by the Dawson-Khoury-Kobayashi model for pressures higher than 1 atm. For pressures
lower than 1 atm the Chapman-Enskog-Wilke-Lee model is applied. Detailed information on the
correlations to determine the diffusion coefficients can be found in the Aspen Properties help [32]
which uses the data published by Bird et al. [134].
Analogous to the calculation of the concentration polarization at the feed side, the mass transfer
through the membrane determines the concentration profile on the permeate side:
yj,M − x∗j
yj,B − x∗j
= exp
(
− n˙
′′
cTot · kj
)
(3.17)
Here, the terms yj,M and yj,B designate the permeate concentration at the membrane surface and
the bulk concentration on the permeate side, respectively. The mass transfer coefficient kj on the
permeate side is calculated by Sherwood correlation:
ShPer = 1.62
(
RePer · ScPer ·
dhyd
L
) 1
3
(3.18)
Whereby, RePer and ScPer delineate the Reynolds number and the Schmidt number on the permeate
side. Concerning the shell side of the hollow fiber gas permeation module a hydraulic diameter dhyd
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is determined. Since the boundary layer thickness δ is much smaller than the outer fiber diameter,
it is reasonable to use the balances for flat sheet membranes.
Equations [3.13, 3.16 and 3.17] indicate that concentration polarization depends on the flux through
the membrane. The higher the flux the more pronounced the influence of concentration polarization
is. In the following we present membranes with low flux levels but high selectivity as described in
Visser et al. [16].
3.4 Additional relevant non-ideal effects
Multicomponent mass transport in glassy polymer membranes is often affected by three phenom-
ena [104, 105, 135]: (a) competitive sorption at low feed pressures and a resulting mutually affected
transport of the gases, (b) penetrant induced plasticization at high feed pressures and (c) frame
of reference effects. These three effects are not considered in this study. Chern et al. [136] have
evaluated the influence of feed pressure and composition-dependent permeance by applying the dual-
sorption model. They compared the dual-sorption model to constant permeance data and found
that a roughly 5 - 14 % change in most of the process variables. However, an appropriate mass
transfer model to include the pressure and composition dependence of the permeance can easily be
incorporated in the presented model by using a polynominal interpolation of mixed gas permeation
data.
Al-Juaied and Koros [135] present a model which takes the frame of reference into account. They
report that the diffusion of the gas molecules through the membrane is accompanied by a convective
flow of gas molecules which is referred to as bulk flux. The influence of the bulk flux is pronounced
when the sorption of gas molecules in the polymer is significant (high pressure). As a result of
the non-selective bulk flux the selectivity of the membrane is reduced at elevated pressures. The
mathematical description of the frame of reference effects can account for the pressure dependence
of the selectivity in the separation of CO2 and CH4 [135] as well as in the separation of C3H6 and
C3H8 [137]. Mathematically, the bulk flux contribution can be accommodated as well in the equation
describing the membrane transport. In this current study it is of no relevance since the membrane
swelling is low.
Additionally, minor components like water or higher hydrocarbons may effect membrane properties
and in particular the permeances [138]. However, the selectivity is only influenced when the reduc-
tion of permeance is different for the various gases. Gales et al. [139] have reported on the effect
of volatile organic compounds (VOCs) on the separation of air and VOCs using PDMS membranes.
They conclude that their simple model is able to predict the separation well although the membrane
material swells at elevated feed pressures and applying increased VOC concentrations. Al-Juaied and
Koros [140] have reported on the impact of heavy hydrocarbons (in ppm range) on the permeance
of CO2 and CH4 in hollow fiber polyimide membranes. They found that permeances significantly
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Table 3.3: Membrane module properties.
Model parameters Unit Value
Outer fiber diameter µm 415
Porous support thickness µm 74
Fiber length m 0.2
Module diameter m 0.038
Number of fibers [-] 3380
increases when toluene is exposed to the membrane at low temperatures only.
A fourth non-ideal effect may be pressure losses at the entry and the exit ports of the module.
Such effect need to be accounted for by measuring the friction factor belonging to specific module
geometry. They can easily be included in the presented model by adding pressure loss correlations
to the overall module related pressure loss.
3.5 Application of the model in process simulation
The Aspen Custom Modeler R© model can easily be integrated into the process simulator Aspen
Plus R©. The parameters of the model can be selected individually to cover the various non-ideal
effects. The user should carefully select an appropriate set of equations which characterizes the
separation task to be investigated.
3.6 Membrane module
The permeances applied in this simulation study were obtained from pure gas measurements. In
order to determine the pure gas permeances, the gas permeation module was operated in dead end
mode by closing the retentate valve. Both, the pressure on the feed side and the pressure on the
permeate side as well as the permeate flow rate were measured. Hence, the permeance is the ratio
of the flow rate and the product of transmembrane pressure difference and membrane area.
Furthermore, experimental mixed gas data was obtained with an industrial hollow fiber polyimide gas
permeation module (Ube industries, LTD.). Used here was a gas permeation test facility allowing
the simulatenous mixing and analysis of seven different gases. The gas permeation module was
placed in a heating cabinet to control the feed temperature and module temperature. Subsequently,
the simulation data which uses pure gas permeances was compared to the data of the mixed gas
experiments. Various feed flow rates were specified, and the flow rates as well as the mole fractions
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Table 3.4: Parameters applied for model validation.
Variable Value Unit
Feed pressure 3 bar
Feed temperature 50 ◦C
Feed mole fraction C3H8 0.5
Figure 3.4: Separation of CO2/C3H8. The retentate and permeate flow are presented as a function
of the feed flow rate. The curves present the simulation results. The symbols represent
the empirical data points. The temperature is 50◦C, the feed side pressure is 3 bar,
the permeate side pressure is 1 bar, the CO2 permeance is 203 GPU and the C3H8
permeance is 0.23 GPU, respectively.
were measured. A detailed description of the gas permeation test facility as well as information on
the measurement procedure was published for the separation of carbon monoxide and argon [141].
Table 3.3 summarizes the module properties. The fiber diameters were measured microscopically and
the number of fibers were counted. The module diameter and the fiber length could be measured.
3.7 Results and discussion
3.7.1 Model validation
For the system CO2/C3H8 we would like to evaluate how the model data and experimental data
agree. CO2 permeates selectively over the membrane enriching in the permeate. Figure 3.4 shows
that the experimental results for the retentate flow rate vs. feed flow agree well with the simulation
curve for the system CO2/C3H8. For the permeate, however, the experimental data are different
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Figure 3.5: Separation of CO2/C3H8. The retentate mole fraction of C3H8 and permeate CO2
mole fractions are shown as a function of feed flow. The curves illustrate the simulation
results and the symbols represent the empirical data points. The temperature is 50◦C,
the feed side pressure is 3 bar, the permeate side pressure is 1 bar, the CO2 permeance
is 203 GPU and the C3H8 permeance is 0.23 GPU, respectively.
Figure 3.6: Comparing the model to experimental data reported by Pan [129]. The lines represent
the simulation results obtain by the presented model. The dots indicate the experimen-
tal data by Pan. Feed temperature is 10 ◦C, the feed pressure is 35.28 bar, the permeate
pressure is 0.928 bar and the feed composition is 0.485 CO2, 0.279 CH4, 0.1626 C2H6
and 0.0734 C3H8, respectively. Permeances (GPU): 40.05 CO2, 1.11 CH4, 0.31 C2H6
and 0.06 C3H8.
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from the simulated ones. This maybe within the accuracy of measurement. Since flow rate of the
permeate is low, the experimental data for permeate flow may be inaccurate. A second reason
may well be a strong pressure- and concentration-dependence of the permeance due to the glassy
nature of the polymer which is addressed in the paragraph on additional non-ideal effects. Figure 3.5
depicts the C3H8 mole fraction in the retentate and the CO2 mole fraction in the permeate for both
simulation as well as experimental data. It can be seen that in both cases the simulations agree very
well with the empirical data.
In order to demonstrate the applicability of the model for applications in which high pressures
(> 35 bar) as well as multiple components are to be separated, the model was compared to exper-
imental data published by Pan [129]. Figure 3.6 shows the permeate mole fraction of CO2, CH4,
C2H6 and C8H8 as a function of stage cut. Regarding the model data as well as the experimental
data, the model predicts the experimental data well.
3.7.2 Case studies to evaluate model performance
In order to investigate the effect of non-ideal module operation, two case studies were performed
analyzing the separation of C3H8 and CO2 and the separation of CH4 and CO2. Both studies
compare ideal and real module conditions. In the latter case, all aforementioned non-ideal effects
were taken into account. To analyze the influence of the non-ideal effects individually, the ideal
module operation was simulated respectively with each single non-ideal effect. Both systems, the
separation of C3H8 and CO2 as well as the separation of CH4 and CO2, are selected such that
Joule-Thomson cooling and real gas behavior are pronounced.
The separation of C3H8 and CO2
Table 3.5 summarizes the parameters applied in the simulation of the separation of CO2 and C3H8,
which were obtained from pure gas measurements. The heat transfer coefficient and the ratios of the
activation energy and the universal gas constant E
ℜ
were estimated based on data provided by Melin
and Rautenbach [13]. Moreover, Table 3.3 shows the module properties for the polyimide gas
permeation module. Figure 3.7 shows the retentate CO2 mole fraction for ideal module operation and
for the real module operation where the considered non-ideal effects are accumulated. The latter
case is referred to as accumulated effects. Since the difference between the individual non-ideal
effects and ideal module operation is not pronounced, all the effects (i.e. concentration polarization,
the Joule-Thomson Effect, pressure losses and real gas behavior) are considered as a whole. Here,
the curves depicting the Joule-Thomson Effect and real gas behavior are congruent with the curve
showing the accumulated effects. Analogously, the curves for concentration polarization and pressure
losses are congruent with the curve for ideal operation.
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Figure 3.7: Separation of CO2/C3H8. Ideal and real mole fraction of CO2 on the retentate side of
the gas permeation module as a function of module length.
Figure 3.8: Separation of CO2/C3H8. Ideal and real mole fraction of CO2 on the permeate side of
the gas permeation module as a function of module length.
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Figure 3.9: Separation of CO2/C3H8. Gas temperature for the retentate and the permeate side as
well as the dew point temperature on the retentate side at a feed pressure of 14 bar
and a feed pressure of 10 bar as a function of module length.
Table 3.5: Parameters applied for simulation in the separation of CO2 and C3H8 using a polyimide
hollow fiber membrane module.
Variable Value Unit
Feed pressure 10 bar
Feed temperature 40 ◦C
Heat transfer coefficient 4 W
m2K
Feed mole fraction C3H8 0.5
Permeance CO2 203 GPU
Permeance C3H8 0.23 GPU
E
ℜ
CO2 1000 K
E
ℜ
C3H8 2000 K
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Figure 3.8 presents the permeate CO2 mole fraction for ideal module operation and the accumulated
effects module operation. Compared to Figure 3.7 the difference between both operation conditions
is more pronounced. However, the CO2 mole fraction at the permeate outlet is almost equal for both
ideal module operation and the accumulated effects module operation. Thus, here the difference
between both operation conditions is insignificant. Consequently, in this case the simple model
assuming ideal gas behavior and neglecting non-ideal effects may be applied in process simulation.
However, an appropriate mass transfer equation is required in order to describe the influence of feed
pressure, feed temperature and gas composition on the permeance.
Figure 3.9 shows the temperature distribution as well as the dew point temperature for the retentate
side of the hollow fiber gas permeation module. Since the dew point temperature on the permeate
side is lower than - 87 ◦C and condensation of the respective gases is not expected, the dew point
temperature curves are not shown in Figure 3.9. C3H8 and CO2 have a distinct Joule-Thomson
coefficient; hence the feed gas cools down along the length of the module. However, the gas
temperatures are not lower than the dew point and condensation does not occur, even at feed
pressures as high as 14 bar.
The separation of CH4 and CO2
The separation of CO2 and CH4 was investigated by analyzing whether non-ideal effects influence the
mole fraction of CO2 on the retentate and the permeate side. Table 3.6 summarizes the simulation
parameters. The heat transfer coefficient and the ratios of the activation energy and the universal
gas constant E
ℜ
were assumed based on published experimental data [13]. Table 3.3 presents the
properties of a polyimide gas permeation module applied in the simulation.
Figure 3.10 presents the CO2 mole fraction on the retentate side of the gas permeation module as
a function of module length. Here, the non-ideal effects are more marked, whereas the effect of
pressure loss and concentration polarization are negligible as the respective curves are congurent
with the curve for ideal operation. It can be seen that the real gas behavior has the strongest impact
on the separation performance. The Joule-Thomson cooling also has an impact on the CO2 mole
fraction but it is less pronounced.
Figure 3.11 illustrates the CO2 mole fraction on the permeate side of the gas permeation module
as a function of module length. The impact of concentration polarization and pressure losses can
be neglected here. Compared to Figure 3.10 the difference between ideal module operation and the
accumulated effects module operation is more pronounced. The most important contribution to
non-ideal module operation is observed for the Joule-Thomson Effect and for the real gas behavior.
As the various non-ideal effects are interdependent, the curves for the individual effects cannot be
summed up to obtain the curve in which all the aforementioned effects are taken into account
(accumulated effects case). Hence, the superposition principle cannot be applied.
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Figure 3.10: Mole fraction of CO2 on the retentate side as a function of module length. The
distribution of CO2 is presented for the various non-ideal effects as well as for the
ideal module operation and the accumulated effects module operation, separating
CO2 and CH4.
Figure 3.11: Mole fraction of CO2 on the permeate side as a function of module length. The
distribution of CO2 is presented for the various non-ideal effects as well as for the
ideal module operation and the accumulated effects module operation, separating
CO2 and CH4.
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Table 3.6: Parameters applied for simulating the separation of CO2 and CH4 using a polyimide
hollow fiber membrane module.
Variable Value Unit
Feed pressure 10 bar
Feed temperature 40 ◦C
Heat transfer coefficient 4 W
m2K
Feed mole fraction CH4 0.5
Permeance CO2 203 GPU
Permeance CH4 10 GPU
E
ℜ
CO2 1000 K
E
ℜ
CH4 2000 K
3.8 Pressure dependent permeance
In general, the feed pressure and in particular the partial pressure of CO2 influences the permeation
of the gas molecules through the membrane material [107] and hence, a pressure dependent perme-
ance is analyzed separately in this paragraph. Here, the separation of CO2 and C3H8 is considered.
Figure 3.12 depicts the permeance of CO2 and C3H8 as a function of feed pressure. The character-
istics of the permeance are based on theoretical consideration. At low pressure competitive sorption
will reduce permeance whereas at high pressures plasticization becomes significant resulting in an
increased permeance. It is assumed that due to competitive sorption the permeance is reduced by
20 % at a pressure of 12 bar compared to the permeances at a pressure of 1 bar. Furthermore, it is
assumend, that the permeances increase by 20 % at a feed pressure of 30 bar. Hence, the permeance
can be described by a second order polynomial [107]. In addition, the selectivity is assumed to be
constant. However, this assumption is rather unrealistic [107]. It is essential to include an adequate
description of the pressure-dependent permeation equation in order to account for the pressure and
the temperature influence as well as the impact of the permeating components.
To compare the different feed pressure levels the pressure ratio across the membrane is kept con-
stant at 10. Two different cases were considered in which one assumes constant permeances and
one calculates the module performance with a pressure dependent permeance. Figure 3.13 shows
the CO2 mole fraction in the retentate as a function of module length for feed pressures of 10 bar,
30 bar and 50 bar. At low feed pressure the difference between constant and pressure dependent
simulations is less pronounced. At pressures of more the 30 bar the differences between the case
in which constant permeances are assumed and the pressure dependent case becomes significant.
In Figure 3.14 the CO2 mole fraction in the permeate is illustrated as a function of module length
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Figure 3.12: Permeances of CO2 and C3H8 as a function of feed pressure. The selectivity is assumed
to be constant.
Figure 3.13: Mole fraction of CO2 in the retentate as a function of module length. The solid
lines represent the case in which constant permeances are assumed. The dashed
lines illustrate the case in which pressure dependent permeances are applied in the
simulation. The feed pressure is varied between 10 bar and 50 bar, whereby the
pressure ratio across the membrane is fixed at 10.
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Figure 3.14: Mole fraction of CO2 in the permeate as a function of module length. The solid
lines represent the case in which constant permeances are assumed. The dashed
lines illustrate the case in which pressure dependent permeances are applied in the
simulation. The feed pressure is varied between 10 bar and 50 bar, whereby the
pressure ratio across the membrane is fixed at 10.
for feed pressures of 10 bar, 30 bar and 50 bar. For pressures of more than 30 bar the difference
between both cases is pronounced.
According to the simulation results an appropriate description of the mass transfer through the
membrane is essential which requires a detailed experimental investigation to determine the mixed
gas permeances at elevated pressures. However, complex mass transfer equations can easily be
incorporated in the existing model.
Compared to the aforementioned non-ideal effects (Joule-Thomson Effect, concentration polariza-
tion, pressure losses, real gas behavior) the temperature and pressure dependence of the permeance
may even have a more pronounced effect on module performance. Hence, the interaction between
non-ideal effects related to the permeation through the membrane material as well as non-ideal
effects related to module operation need to be considered for an adequate description of module
performance.
3.9 Conclusions
The presented model of a hollow fiber gas permeation module programmed in Aspen Custom
Modeler R© predicts experimental data under non-ideal conditions. Whereas conventional gas perme-
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ation models generally focus on individual non-ideal effects, our model links as a whole concentration
polarization, the Joule-Thomson Effect, pressure losses and real gas behavior.
In particular, the separation of CH4 and CO2 exhibits non-ideal behavior (a) through the Joule-
Thomson cooling along the length of the module and (b) through real gas behavior. Thus, these
effects have to be taken into account for large-scale process design where multiple membrane stages
are integrated or different unit operations are combined in hybrid processes. As the case studies on
separating CH4/CO2 and C3H8/CO2 demonstrate, it is important that the process designer chooses
the appropriate set of equations for non-ideal effects as well as their respective parameters that de-
pend on the separation task at hand. We anticipate the effect of the complex permeation properties
in glassy polymers at very low as well as at high feed pressure to be significant.
Ultimately, the presented model represents more realisticly gas permeation behavior in large-scale
hollow fiber modules and potential for future application in gas separation, in particular, for flue gas
treatment, biogas upgrading and natural gas purification.
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4.1 Introduction
Biogas will considerably contribute to future energy supply as it is a renewable resource. Biogas
upgrading refers to the separation of CH4 and CO2, where a CH4 rich gas is polished so that it can
be used as natural gas substitute [2]. Gas permeation membranes are well known for separating CO2
und CH4 [49, 93, 114]. Their application in biogas upgrading offers several advantages over con-
ventional gas separation techniques. First the gas permeation operates with the upgraded product
gas being at an elevated pressure so that it can directly be injected into the natural gas grid [2].
Secondly gas permeation modules are robust and the process is simple, which is particularly suitable
for on-farm application.
The objective of the study at hand is to design a membrane based biogas upgrading process based
on structural process optimization. Here, (i) the optimal process configuration, (ii) the required
membrane areas in the various stages and (iii) the pressure to drive the gas permeation process for
a commercial membrane material are determined simultaneously. In a further step the selectivity of
the membrane material is optimized together with the process layout and the process conditions.
Process design often relies on heuristics and experience [31] which may result in suboptimal process
configurations. The application of systematic methods for process design ensures the identification
of the most profitable process configuration. Although superstructure optimization provides a sys-
tematic framework for the design of membrane based separation processes only limited work has
been published. Sargent and Gaminibandara were the first who introduced the concept of structural
optimization in designing distillation sequences [142]. This concept has been adapted by El-Hawagi
and Manousiouthakis who optimized mass exchange networks [143].
In the optimization of gas permeation processes Uppaluri et al. [29] studied the enriched oxygen
production, hydrogen recovery from synthesis gas, and hydrogen recovery from refinery streams.
They obtained new process designs which reduces the costs by 20 % compared to process designs
previously reported in literature. They applied stochastic optimization using a simulated annealing
algorithm.
Qi and Henson [27, 144] report on CO2/CH4 separation in natural gas treatment and enhanced
oil recovery. Here, only recycle compressors are investigated as the raw gas is already pressurized.
They used the General Algebraic Modeling System (GAMS) along with the DICOPT++ algorithm
to solve the mixed integer non-linear programm (MINLP). They even introduced discrete variables
to account for a more realistic process design as membrane modules are available with fixed active
membrane areas. They identified a four stage gas permeation process as the process configuration
with the lowest gas treatment costs for natural gas polishing. For enhanced oil recovery they also
determined a four stage process as optimal process configuration as it has the lowest costs. However,
the permeator model used in this study is limited to binary mixtures. In an additional publication [27]
they extend the binary model to a multicomponent model. The separation of CH4, CO2, H2S and
heavier hydrocarbons in natural gas treatment as well as the separation of CH4, CO2, H2S, C2H6
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and heavier hydrocarbons in enhanced oil recovery were investigated.
Kookos [28] does not only optimize the process layout and process conditions, but he also determines
the best selectivity along with the best permeance for the production of nitrogen and oxygen from
air. The upper bound correlation published by Robeson is applied to account for the membrane
material performance. For the production of oxygen the comparison of an optimized membrane ma-
terial and a commercial membrane material leads to the conclusion that impressive cost reductions
are obtained.
Yeomanns and Grossmann [19] introduced a framework of superstructure optimization for process
synthesis. Two fundamental superstructure representations are reported: the state task network
and the state equipment network. Both superstructures involve the transfers of mass, energy and
momentum. This kind of approach can be applied to any synthesis problem to identify the optimal
process layout. The state task network initially introduced by Kondili et al. [145] involves the de-
termination of states and tasks while the equipment is assigned subsequently. The state equipment
network initially developed by Smith [146] includes the determination of states and the involved
equipment in a first step while the tasks which take place in the equipment are determined in a
second step. Linke and Kokossis [147] used a superstructure based method to optimize integrated
reaction and separation processes. They distinguished between reactor/mass exchangers and sepa-
ration task units.
We adapt the structural optimization approach to identify the most profitable membrane based bio-
gas upgrading system. The optimization model is implemented in the General Algebraic Modeling
System (GAMS). In a first step commercial gas permeation membranes are applied to the process
optimization. The best process layout together with the optimal membrane areas and process con-
ditions were calculated. In a second step the membrane’s selectivity is an additional optimization
parameter. The relation between selectivity and CO2 permeance is determined according to the
upper bound published by Robeson [148]. In contrast to Kookos [28], we applied the updated data
for the upper bound correlation published in 2008. A three stage process is the optimal process
configuration for the commercial membrane materials while a two stage process is the best layout
for optimal membrane materials. Two questions arise when optimizing the membrane properties:
what is the optimal CO2/CH4 selectivity and process configuration for a process in which a single
type of membrane material is used in all membrane stages? What is the optimal CO2/CH4 selectivity
and process configuration for a process in which the membrane properties are optimized for each
membrane stage individually? The process model can easily be adapted to other gas separation
problems such as helium production from natural gas, natural gas upgrading or air separation to
determine the most profitable process configuration.
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Table 4.1: Feed and product gas conditions of a common biogas upgrading process. The perme-
ances of the polymeric membrane materials are also listed. PI - polyimide; CA - cellulose
acetate
Unit Value
Raw gas mole fraction CH4 - 0.6
Raw gas mole fraction CO2 - 0.4
Raw gas flow rate m
3(STP )
h
150
Raw gas temperature ◦C 20
Raw gas pressure bar 1
Product pressure bar 16
Product mole fraction CH4 - 0.96
CH4 permeance PI GPU 1
CO2 permeance PI GPU 60
CH4 permeance CA GPU 3
CO2 permeance CA GPU 60
4.2 Process model
Commonly, gas permeation processes include multiple membrane stages to achieve high gas purities
and recoveries simultaneously. Favre [14] reported that more than three stages are usually not in-
stalled in industrial applications since these processes seem to be less efficient and cost demanding.
In biogas upgrading it is rather unsuitable to use more than three stages as the complexity of the
system increases rapidly and the application of such a system at a biogas site seems to be less
robust. The process model implemented here is not limited to any number of membrane stages, but
for the optimization of the biogas upgrading process a maximum number of three membrane stages
is defined.
The gas permeation modules considered in the simulations are equipped with polymeric membrane
materials to separate CO2 and CH4. CO2 will permeate faster through the membrane so that the
permeate is enriched in CO2. Thus, CH4 is enriched on the retentate side of the membrane which
is particularly advantegous in biogas upgrading as the product gas is pressurized and can thereby
directly be injected into the natural gas grid. Table 4.1 lists the raw gas conditions and the prod-
uct gas requirements. A membrane CO2/CH4 selectivity of 60 is assumed based on the patent of
Evonik [113] for a polyimide membrane material. However, no information is given on the perme-
ances of such a membrane material and we assume a CO2 permeance of 60 GPU. In addition, a
membrane material with selectivities reflecting the characteristics of a cellulose acetate membrane
is investigated since these materials have been widely used in gas permeation. The permeances are
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Feed
CO2
CH4
n = 1, 2, …, k
membrane
vacuum pump
compressor
valve
Figure 4.1: Superstructure approach to optimize a membrane based biogas upgrading plant. Note
that not all possible connections between the various unit operations are presented.
also listed in Table 4.1.
The objective of the optimization is to maximize the profit of the biogas upgrading process. Four
different types of unit operations are implemented and could be used in the process model. These
are a gas permeation module to perform the separation and the equipment to generate the driving
force of permeation by compressors, vacuum pumps, and pressure control valves. Figure 4.1 shows
the respective unit operations and illustrates potential connections of the individual unit operation
with other unit operations. Here, only selected connections are presented. For the gas permeation
model it is also possible to use a sweep gas on the permeate side. At the inlet (bottom) of the
so called distribution box each stream can be split and connected to all available outlet ports of
the distribution box. The inlets are splitters while the various outlet ports on the right side of the
distribution box are mixers. Each unit operation can be selected several times, so that multistage
processes can be optimized with the process model.
The gas permeation module itself is the most important piece of process equipment as it performs
the separation. The driving force can either be generated by compressing the feed gas, by applying
sub-ambient pressure on the permeate side or by diluting the permeate with a sweep gas. The solver
selects the compression equipment based on the operational and investment costs since the driving
force method determines the pressure levels as well as the recycle flow rates.
The superstructure model including the models for the unit operations and their connections were
programmed in the General Algebraic Modeling System (GAMS). In GAMS the mathematical prob-
lem is programmed independently of the solver. Various algorithms are available to solve linear
programs (LP), nonlinear programs (NLP) and mixed integer nonlinear programs (MINLP). Opti-
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mizing the biogas upgrading process is a MINLP as the connections between the unit operations are
of integer type and nonlinear equations (e.g. capital cost calculation) are solved.
The Branch-And-Reduce Optimization Navigator (BARON) is used which is a branch and bound
type global optimization solver. With this kind of solver, identification of the global optimum is
guaranteed even if fairly general assumptions are made [24].
4.2.1 Unit operation models
The gas permeation module is built as a short cut model based on the fundamental equations for
conservation of mass and a simple mass transfer equation. The mole balances of the feed side and
the permeate side are:
n˙R,j = n˙j + n˙R,j+1 (4.1)
n˙P,j = n˙j + n˙P,j+1 (4.2)
Here, n˙R,j refers to the flow rate on the feed side and n˙P,j is the flow rate on the permeate side,
respectively. The mass transfer through the membrane n˙ is determined by the partial pressure
difference, the permeance of the gas species Qj and the active membrane area A:
n˙j = Qj · (xj pF − yj pP ) · A (4.3)
Simplifying assumptions have been made: (i) no pressure losses are considered, (ii) isothermal
operation, (iii) concentration polarization is neglected, (iv) constant permeances and (v) ideal gas
behavior are assumed.
The compressors and the vacuum pumps are modeled as single stage isentropic compression units
without interstage cooling. The isentropic outlet temperature Tout is determined by:
Tout = Tin ·
(
pout
pin
) κ− 1
κ
(4.4)
The isentropic exponent κ is 1.3. Tin and pin delineate the inlet temperature and pressure, and pout
is the compressor’s discharge pressure. The real outlet temperature Treal is calculated by:
ηisent =
Tout − Tin
Treal − Tin (4.5)
The isentropic efficiency ηisent of the compressor is 0.72. Vacuum equipment has isentropic effi-
ciencies of less than 0.5, in case of a jet pump it is only 0.1 [111]. Thus, we assume an isentropic
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Source Product
vacuum pump
Figure 4.2: Connections which are excluded from the optimization. Excluded connections are la-
belled with dashed lines.
efficiency of 0.5 for the vacuum equipment. The net power e, which is the energy supplied to the
gas stream, is determined by:
e = m˙ · cp · (Treal − Tin) (4.6)
Whereby, m˙ is the mass flow rate through the compression equipment and cp is the specific heat
capacity of the gas (34.77 J
mol K
). A simple constraint for the pressure control valve was implemented.
Here, the upstream pressure has to be higher than the downstream pressure:
pin ≥ pout (4.7)
Compared to the costs for compressors and vacuum pumps the costs for a pressure valve can be
neglected. Generally, any outlet of an unit operation can be connected to any inlet of all available
unit operations. Therefore, it is possible to optimize membrane cascades including recycle streams.
To mix the different process streams the pressure of the streams have to be equal. In case of different
stream pressures these are either increased by a compressor or reduced by a pressure control valve.
To reduce the number of process configurations and the calculation effort some connections can
be precluded which do not contribute to the separation process or even have a negative impact on
process performance. Figure 4.2 illustrates some of these connections which are not considered in
the optimization. These connections are for instance:
• Recycling of a retentate stream and mixing this stream with the feed stream of the same
membrane stage
• Direct connection of the feed and the product stream
• Mixing of permeate streams with the product stream
• Connection of a retentate outlet stream and a vacuum pump inlet
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Table 4.2: Economic parameters used for optimization of a membrane based biogas upgrading
plant.
Costs Unit Value
Membrane module costs Euro
m2
55
Electrical costs Euro
kWh
0.08
Comission of purified gas Euro
m3
1.2
Membrane lifetime year 4
Annual operation h 8000
Interest rate - 0.09
Amortization period years 8
4.2.2 Economics
To optimize the process it is more appropriate to determine the economic optimum rather than the
energetic optimum, since the membrane based biogas upgrading process has to compete economi-
cally with well established gas separation techniques. The energetic optimum can be fairly different
from the economic optimum. In this study we determine the most profitable process configuration
by taking both, operational cost, mainly caused by electrical energy consumption, and investment
costs for the compression equipment and the membrane modules into account. The membranes
lifetime is 4 years and the membranes have to be replaced after this operation period. Table 4.2
summarizes the economic parameters chosen for the optimization simulation.
Investment costs for the compressor and the vacuum pump can be estimated with Guthrie’s
method [110, 149]. This method enables the calculation of investment costs based on the size
of the compression equipment and the process conditions. The method roughly estimates invest-
ment cost with an error of ± 25 % [110].
In a first step the bare module costs (BC) are determined:
BC = C0 ·
(
S
S0
)α
(4.8)
Where C0 are reference costs for the equipment, S is a variable taking the size of the respective
equipment into account and S0 is a reference size of the equipment. In case of compression S is the
required compression duty and S0 is the reference compression duty. The parameter α considers the
cost increase with increasing equipment size. Here, the economy of scale is taken into account since
α is generally lower than 1. The required values for C0 and S0 are tabulated in Biegler et al. [110].
To determine the investment costs the reference costs have to be updated as the values were
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Table 4.3: Parameters to estimate the investment costs for the compression equipment with
Guthrie’s method [110]. *bhp - brake horse power
Parameter Symbol Unit Value
Update factor 2011 UF 4.91
Material and pressure factor MPF 2.9
Module factor MF 5.11
Conversion bhp* in kW kW/bhp 0.746
Reference costs for compressor in 1968 C0 US Dollar 23000
Reference compressor size S0 bhp 100
Cost function exponent α 0.77
Conversion US Dollar in Euro US Dollar/Euro 1.2719
determined for the reference year 1969. In addition, the capital costs of the equipment depend on
the operating conditions and the materials used. Thus, the investment costs IC are calculated by:
IC = UF · BC · (MPF + MF − 1) (4.9)
Here, UF delineates the update factor which takes the current price level into account. MPF is the
material and pressure factor accounting for the material of the equipment. The module factor MF
additionally considers the size of the equipment. Hirschberg [150] suggests that 2 should be added
to this factor to realisticly reflect todays investmemt costs. The Guthrie parameters used here are
listed in Table 4.3.
4.2.3 Robeson Plot
Many efforts are made to develop new membrane materials which have improved selectivities and
permeances. From an operational point of view the application of these membranes in gas perme-
ation processes is limited. High selectivities together with high permeances induce concentration
polarization significantly limiting the separation performance of the gas permeation modules. Thus,
the driving force for the retained gas species increases while the driving force for the fast permeating
species is reduced [45, 101]. However, the effect of concentration polarization is not accounted for
in the model but it is remarkable for membranes with selectivities and permeances as high as 100
and 1000 GPU, respectively [101].
Furthermore, for gas permeation processes high pressure ratios have to be provided to take advan-
tage of high membrane selectivities [9]. The trade-off between permeability and selectivity is well
known [148]. In terms of process design low selectivities increase the amount of the retained gas
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Figure 4.3: Permeate mole fractions as a function of stage cut. The model data (lines) is compared
to data reported by Pan (symbols) [129].
species which permeates through the membrane resulting in increased compression duty. For high
selectivity, permeance drops which increases the required membrane area remarkably. As a con-
sequence higher investment costs and membrane replacement costs reduce the profitability of the
upgrading process.
Robeson [148] introduced a correlation to determine the permeability as a function of the selectivity
for upper bound materials. We implemented the upper bound correlation into the superstructure
model to determine the most profitable selectivity simultaneously with the optimal process layout,
the membrane areas and pressures. For CO2 and CH4 Robeson published the following correlation:
PCO2 = 5369140 (αCO2/CH4)
−2.636 Barrer (4.10)
Assuming a membrane thickness of 30 nm transforms permeability into permeance.
QCO2 = 33.77 · 5369140 (αCO2/CH4)−2.636 GPU (4.11)
Where, αCO2/CH4 is the selectivity:
αCO2/CH4 =
QCO2
QCH4
(4.12)
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Figure 4.4: Permeate mole fractions as a function of stage cut. The model data (lines) is compared
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4.3 Results and Discussion
4.3.1 Model validation
Pan [129] reported experimental data on the separation of CO2, N2, H2S and CH4, and for the
separation of CO2, CH4, C2H6 and C3H8. We compared this data to the simulation results of the
gas permeation model. Figure 4.3 shows the mole fractions of CO2, N2, H2S and CH4 as a function
of the stage cut. For a wide range of stage cuts the model applied here reflects the experimental
data. Analogously, Figure 4.4 show the mole fraction of CO2, CH4, C2H6 and C3H8 as a function
of stage cut. Here, the model results agree with the published data.
Figure 4.5 depicts the investment costs for a compressor as a function of the compression demand.
The line refers to the data obtained by Guthrie’s method, while the squares represent data provided
by a compressor manufacturer, who does not want to be mentioned here. The difference between
the estimated costs and the real compressor costs are less than 20 %. In general, Biegler et al. [110]
report an error of ± 25 % for Guthrie’s method. It has to be noted that for low compression
duties the investment costs for compressors might fluctuate significantly. Compressors with a low
discharge pressure can be single stage, while a slight increase in the discharge pressure results in
an additional compression stage which increases the costs for the compressor. However, we apply
Guthrie’s investment cost estimation method to determine investment costs in the superstructure
optimization model.
4.3.2 Superstructure optimization with commercial membranes
In this section two commercial membrane materials are compared. One with a CO2/CH4 selectivity
of 60 which is typical for polyimide type of materials and a second material reflecting the properties
of cellulose acetate membranes with a selectivity of 20. While the cellulose acetate membrane is
well established in the gas permeation applications [69], the polyimide membranes considered have
recently be launched. Both types of membranes are considered to investigate the impact of selectiv-
ity on the process performance. In the optimization a product gas purity of at least 96 % together
with a CH4 recovery of more than 95 % and 99.5 %, respectively, have to be met.
Figure 4.6 shows the optimal process layout together with the process parametes for a membrane
material with a CO2/CH4 selectivity of 60 and a CO2 permeance of 60 GPU. A three stage mem-
brane process using a single compressor is identified to be the best process configuration. The raw
gas is compressed to pipeline pressure of 16 bar and fed to the first membrane stage. The first stage
performs a bulk separation of CO2 and CH4 and significant amounts of CH4 also permeate through
the gas permeation membrane. The retentate of the first stage is fed to a second stage in which
the final product purity is obtained. The permeate of the second stage is recycled and mixed with
the raw gas stream to enhance the CH4 recovery. The third stage polishes the permeate of the first
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6692 mol/h
1192 mol/h
5360 mol/h
2525 mol/h
xCH4 = 0.6
3.3 bar
xCH4 = 0.006
xCH4 = 0.80
xCH4 = 0.22
xCH4 = 0.54
8304 mol/h
Profit = 830452 Euro/a
Costs = 78158 Euro/a
Recovery = 99.6 %
CO2/CH4 Selecvity = 60
CO2 Permeance = 60 GPU
26.76 kW
4168 mol/h
xCH4 = 0.96
xCH4 = 0.07
2944 mol/h
419 mol/h
xCH4 = 0.45
167 m² 164 m²
254 m²
16 bar
1 bar
1 bar
Figure 4.6: Optimal process design and process conditions for gas permeation membranes with a
CO2/CH4 selectivity of 60 and a CO2 permeance of 60 GPU.
stage and the retentate of the third stage is also recycled to further increase the CH4 recovery of
the process. The pressure valve on the retentate outlet of the third stage controls the feed pressure
in the third stage, hence, it provides the driving force for permeation. Accordingly, the elevated
pressure on the permeate side of the first stage reduces the driving force in the first stage. The
optimal feed pressure in the third membrane stage is 3.3 bar.
By using this process a CH4 recovery of 99.6 % can be obtained, which is slightly higher than the
required recovery of 99.5 %. Unsurprisingly, the same process layout as well as the process conditions
are chosen for the case in which the lower bound of CH4 recovery is set to 95 %. An annual profit
of approximately 830000 Euro can be realized along with annual upgrading costs of approximately
78000 Euro. A compressor with a compression duty of 26.76 kW is required to drive the process,
which translates to a specific electrical energy demand of 0.178 kWh/m3(STP) with respect to the
raw gas flow rate. A total membrane area of 585 m2 has to be installed. This area results in a
specific area demand of 3.9 m2h/m3(STP). Assuming a gas permeation module size of 25 m2 per
module, 24 modules have to be installed.
For a membrane reflecting the characteristics of a cellulose acetate membrane with a CO2/CH4
selectivity of 20 the results are depicted in Figure 4.7. In Figure 4.7(a) the lower bound for CH4
recovery is set to 95 %. However, a higher CH4 recovery of 98.7 % is identified to be optimal.
The process layout does not change compared to the case in which more selective membrane ma-
terials are applied. An annual profit of approximately 810000 Euro is obtained and annual costs of
approximately 90000 Euro have to be paid. While the total membrane area (524 m2) is almost con-
stant compared to the process using more selective membranes, the compression demand increases
significantly due to the increased recycle flow rate. A specific electrical compression demand of
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0.22 kWh/m3(STP) together with a specific area demand of 3.5 m2h/m3(STP) are required. 21
gas permeation modules have to be installed in case that a single module contains 25 m2 membrane
area.
By demanding a CH4 recovery of at least 99.5 %, the profit for a process using membranes with
selectivities of 20 drops significantly. The optimal process is still the three stage process describe
for the better selective material, while the areas to be installed in the three stages differ remarkably.
However, the high recovery can only be obtained on cost of an increased recycle flow rate. The recy-
cle flow rate (9024 mol/h) is even higher than the raw gas flow rate (6692 mol/h). This translates to
a high compression demand and a high specific energy demand of 0.34 kWh/m3(STP). Since large
amounts of gas are recycled, large membrane area is also required to obtain the required product gas
purity. The total membrane area of 1739 m2 results in a specific area demand of 11.6 m2h/m3(STP)
with respect to the raw gas. Assuming a module size of 25 m2 per module, 70 modules have to
be installed. This poor performance results in low profitability (≈ 762000 Euro/a) and high annual
upgrading cost (≈ 145000 Euro/a).
Although the solver can select a vacuum pump to generate the driving force for permeation, for
each set of parameters considered here, the compression of the feed side is preferred. In any case
the gas has to meet the natural gas grid pressure of 16 bar, so that at least a single compressor is
needed to provide the natural gas grid pressure. In general, the investment costs for the membranes
are 10 % of the total investment costs. This agrees well with the data published by Baker [9].
Comparing these results to conventional upgrading techniques such as amine absorption (eelec =
0.15 kWh/m3(STP), etherm = 0.3-0.8 kWh/m
3(STP)) and pressurized water scrubbing (eelec =
0.25 kWh/m3(STP)) clearly shows that the gas permeation process can compete with these estab-
lished technologies [2, 5]. Please note that the energy demands for the conventional techniques are
obtained at a gas grid pressure of 7 bar while the energy demand determined here refers to a grid
pressure of 16 bar. In addition, the application of a multistage compressor would further reduce the
electrical energy demand for the gas permeation processes.
4.3.3 Identifying the optimal selectivity and permeance
As material development aims for high selectivities and permeances, we used both parameters in
process optimization. Hence, not only the process layout, the membrane area and the pressures are
optimized, but also the optimal selectivity is determined. The optimal CO2 permeance is calculated
with the characteristic of the upper bound correlation of Robeson. For the processes considered
here, the CH4 recovery should be at least 99.5 % to minimize the environmental impact caused by
extensive CH4 losses. Two cases are investigated. In the first case a single selectivity is determined
for all membrane stages while in the second case an optimal selectivity is calculated for each individual
membrane stage.
Figure 4.8(a) shows the optimal process flowsheet for the first case in which only a single selectivity
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(a) The required CH4 recovery is higher than 95 %.
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12654 mol/h
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xCH4 = 0.008
xCH4 = 0.43
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15716 mol/h
Profit = 761953 Euro/a
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Recovery = 99.5 %
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xCH4 = 0.96
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57 m² 382 m²
1300 m²
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1 bar
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(b) The required CH4 recovery is higher than 99.5 %.
Figure 4.7: Optimal process design and process conditions for gas permeation membranes with a
CO2/CH4 selectivity of 20 and a CO2 permeance of 60 GPU.
is applied to all membrane stages. Here, an optimal CO2/CH4 selectivity of 123 together with a
CO2 permeance of 555 GPU is determined. Compared to the processes in which a commercial gas
permeation material is applied, the optimal process only consists of two membrane stages. This
process design is similar to the three stage process presented in Section 4.3.2. However, the stage
for final product gas purification is not required as the first stage already polishes the raw gas to
product grade without generating large CH4 losses in the permeate. Due to the Robesons upper
bound characteristic the required membrane area reduces significantly compared to the commercial
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membranes (585 m2 → 127 m2). Hence, only 5 gas permeation modules are required, assuming a
module size of 25 m2. Interestingly, the energy demand to drive the process is similar to the case
in which commercial materials are applied. Here, a specific energy demand of 0.161 kWh/m3(STP)
is required. Hence, the optimization of the membrane material has the strongest impact on the
membrane area rather than on the energy demand. In terms of energy demand the commercial
membrane with a CO2/CH4 selectivity requires similar energies to drive the gas permeation process
(compare Section 4.3.2). An annual profit of approximately 842000 Euro with annual cost of
approximately 65000 Euro can be obtained.
Figure 4.8(b) illustrates the process layout for the process optimization in which the membrane
properties for each stage are determined individually. Although the selectivities and permeances
differ significantly from the case in which only a single selectivity is optimized for all stages, the
annual profit as well as the annual upgrading costs are almost constant. A small reduction in the
energy demand is compensated by providing more membrane area.
Changing the CH4 feed mole fraction
In this section the impact of the CH4 feed mole fraction on the process layout and selectivity is
analyzed. Here, two effects have to be accounted for. On the one hand the CO2 driving force
increases with increasing CO2 level in the feed gas. On the other hand, the higher the CH4 mole
fraction in the feed gas the less CO2 has to be removed to meet the gas grid standard.
Figure 4.9 shows the optimal selectivity and the permeance of CO2 as a function of the CH4 mole
fraction in the feed gas. Here, selectivity and CO2 permeance follow the correlation of Robeson’s
upper bound. Although the feed mole fraction of CH4 changes considerably from 50 % to 70 %
the optimal selectivity is in the range between 118 and 123. The resulting CO2 permeance ranges
between 560 and 600 GPU. Regarding their selectivity polypyrrolones might be an adequate polymer
of choice with a selectivity of 130 [148, 151].
The maximum in selectivity and as a consequence the minimum in permeance are caused by a
trade-off between recycle ratio and driving force. The recycle ratio, which is the ratio of the recycle
flow rate to the feed flow rate, increases with increasing CH4 feed mole fraction. Increasing the
selectivity steers against the increase in recycle ratio. On the other hand driving force decreases with
increasing CH4 feed mole fraction. Thus, larger membrane areas are required to compensate the
loss in driving force. To reduce the required membrane area higher permeances have to be applied
resulting in reduced selectivities.
The impact of the CH4 feed mole fraction on annual profit is depicted in Figure 4.10. Since the
product gas flow rate increases with an increased CH4 feed mole fraction at a fixed CH4 recovery,
the profit also increases linearly with increasing CH4 feed mole fraction.
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(a) A single optimal selectivity is determined for all membrane stages.
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(b) Individual optimal selectivities are calculated for each stage.
Figure 4.8: Optimal process design and process conditions for a gas permation material inherent
Robesons upper bound characteristics.
Changing the required CH4 product purity
Figure 4.11 shows the optimal CO2/CH4 selectivity as a function of the required CH4 mole fraction
in the product gas for a CH4 feed mole fraction of 0.6 considering the case in which only a single
selectivity is optimized for all membrane stages. Selectivity increases with increasing product purity.
Increasing the CH4 level in the product gas results in increased permeation of CH4 in the first gas
permeation stage which increases the recycle flow rate. As a consequence the energy demand to
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Figure 4.9: Optimal selectivity and CO2 permeance as a function of the CH4 mole fraction in the
feed gas.
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Figure 4.10: Profit as a function of the CH4 mole fraction in the feed gas for an optimal selectivity
and CO2 permeance following the Robeson upper bound.
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Figure 4.11: Optimal selectivity and CO2 permeance as a function of CH4 mole fraction of the
product gas. The feed mole fraction of CH4 is 60 %.
drive the compressor increases. To reduce the recycle flow rate selectivity increases which translates
to lower permeances.
Compared to the change in the CH4 feed mole fraction the change in the required CH4 mole
fraction of the product gas is more pronounced. The impact of the required product purity on
optimal selectivity is more pronounced than the impact of the CH4 feed mole fraction since the
selectivity drops by more than 8 % while only increasing the CH4 mole fraction of the product
gas by 3.5 % (compare to Figure 4.9). This typically reflects the characteristic of gas permeation
processes which are good in performing a bulk separation but need extensive efforts for providing
high purities. Consequently, the required product purity has to be chosen carefully, since it has a
tremendous impact on the process performance and only the required natural gas standard should be
met. Figure 4.12 illustrates the annual profit as a function of CH4 mole fraction of the product gas.
Due to an increase in the recycle flow rate and required membrane area the annual profit decreases
by 3.2 %.
Does the process benefit from higher selectivity and permeance?
From a technical point of view the process benefits from a better membrane material inherent
upper bound characteristics. However, the profit for a process in which the CH4 product mole
fraction of 96 % and a CH4 recovery of 99.5 % are achieved is 830000 Euro for a commercial
membrane material (QCO2=60 GPU, αCO2/CH4=60) and 842000 Euro for a material of the upper
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Figure 4.12: Profit for an optimal gas permeation process as a function of CH4 mole fraction of
the product gas. The feed mole fraction of CH4 is 60 %.
bound (QCO2=580 GPU, αCO2/CH4=120), respectively. Hence, the profit is increased by less than
2 %. The annual upgrading costs can be reduced from 78000 Euro for a current membrane material
to 65000 Euro for an optimal material. Thus, the annual costs descrease by approximately 16 %.
Ultimately, the optimal membrane material has only a minor impact on the process profitability.
Taking the material development costs into account and considering that this material has to be
manufactured in large quantities it is unlikely that the increase in profitability justifies the effort
for material development for this particular separation process. In addition, Baker [9] reported that
only nine polymeric membrane materials play a role in large scale application of gas permeation
membranes. Furthermore, for selectivities as high as 100 and permeances exceeding 1000 GPU
concentration polarization will have an impact on the module performance. Most likely the increase
in profitability will be diminished by concentration polarization.
4.4 Conclusions
A process model for structural optimization of gas permeation processes is presented and applied to
the separation of CH4 and CO2 in biogas upgrading. Short cut models for a gas permeation mod-
ule, a compressor, a vacuum pump and a pressure valve have been implemented in GAMS. Both,
commercial membrane materials as well as optimal membrane materials have been investigated.
For the commercial gas permeation membranes a three stage gas permeation process using only a
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single compressor is most profitable. Comparing two types of commercial membrane materials the
process equipped with membrane materials with CO2/CH4 selectivity of 60 has a higher profit and
lower costs than the process with low selective membranes. Regarding the specific energy demand,
the optimized gas permeation processes can compete with established gas separation techniques for
biogas upgrading. The simple process layout and the robustness of the process would even favor the
application of gas permeation technology in biogas upgrading.
Moreover, we investigated the impact of optimal selectivity on the process performance where the
membrane material follows the correlation for Robeson’s upper bound. Two cases have been investi-
gated in which a two stage process is identified to be most profitable. First a single optimal selectivity
for all gas permeation stages have been determined (αCO2/CH4=120). Subsequently, the selectivity
is optimized for each membrane stage individually. Here, a high selective stage (αCO2/CH4=147) is
combined with a stage in which high permeances (CO2 = 1024 GPU) are required.
However, the impact of optimized membrane materials on profitability is low, as the CH4 recovery
of the three stage process using commercial membrane modules is already high. Hence, the product
gas flow rate cannot be increased significantly. The choice of the membrane material has an im-
pact on the upgrading costs. For the optimal membrane material it is questionable if development
and product launching costs justify the application of such a material. Ultimately, the application
of a three stage gas permeation process with current commercial membranes already shows good
performance.
4.5 Appendix
In order to facilitate the application of the superstructure model implemented in GAMS, a graphical
user interface (GUI) has been developed in Microsoft-Excel as most engineers are familiar with MS-
Excel. An example input data sheet for MS-Excel is presented in Figure 4.13. Key parameters such
as permeances, costs for membrane and pressure, feed conditions and product requirements have
to be specified. In addition, the maximum number of membrane stages as well as the maximum
number of compressors and vacuum pumps have to be defined.
Figure 4.14 illustrates the output data sheet from MS-Excel. The optimal process flowsheet is dis-
played showing the number of unit operations and their connections. Furthermore, key performance
indicators such as membrane area or compression demand can be displayed.
However, it might be possible to develop a web-based interface, so that external users can use the
GAMS tool, without having GAMS installed on their machine. Thus, a first evaluation of membrane
technology for a separation task can easily be performed without having a strong background in
membrane science and technology.
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Feed Membran Kosten
Volumenstrom: 200 Nm³/h Anzahl: 2
Strompreis: 0,08 €/kWh
Zusammensetzung: Kosten: 55 €/m² 
50,00% CH4 Wärmepreis 0,5 €/MWh
50,00% CO2 Permeanz: 0,0439 GPU (CH4)
2,1960 GPU (CO2)
Permeatdruck: 1 bar Zinssatz 8%
Feeddruck: 16 bar CO2-Selektivität 50 Abschreibungsdauer 15 Jahre
Standzeit 4 Jahre
Mindest Ausbeute 98,00%
Verdichter 1 Verguetung 0,8 €/Nm³
Produkt Module Verdichter
CH4-Reinheit 97,0% Soll Fläche Kosten Leistung Kosten
97,0% Ist M1 196,82 m² 18.698,81 € V2 0,0 kW 2.486,79 €
M2 143,16 m² 18.698,81 € V1 36,1 kW 2.486,79 €
M3 0,00 m² 18.698,79 €
Volumenstrom 75,78 Nm³/h
Prozess Solver Reports
Ausbeute 98,01% Gams Version 23,9
Rezirkulationsrate 8% Modelstatus 2
Lokal Optimal?
Spezifische Kosten: 9,00 ct./Nm³ Solverstatus 1
Investitionskosten 140.328,89 €    Normal
Einnahmen 485.013,44 € Benötigte Zeit 1,7 Sekunden
Kosten 54.578,37 €
Gewinn 430.435,07 €
GO !
Reset
Element Editor
Figure 4.13: GUI for GAMS programmed with Visual Basic in MS-Excel: Input sheet.
M1
196,8 
m²
M2
143,2 
m²
V1
V2
Feed
Product
Off-gas
Figure 4.14: GUI for GAMS programmed with Visual Basic in MS-Excel: Output sheet showing an
example of an optimal process flowsheet.
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5.1 Introduction
Commonly, gas permeation processes are modelled and analyzed in the steady state mode because
it is valid for a large variety of separation processes. However, some processes show a distinct dy-
namic behavior where a dynamic analysis is required [152]. Furthermore, the initial operation in the
start-up and the shut down of a process is dynamic which can be analyzed with dynamic models.
In particular, variations in the feed conditions have a decisive impact on the separation performance
of gas permeation processes. In this work at hand, we investigate the impact of changing feed flow
rates and compositions as well as the start-up on the separation performance of a membrane based
biogas upgrading process [2, 15, 87, 97, 153].
In order to maintain the product purity of the upgraded biogas at pipeline specifications various
control schemes are proposed. Here, two simple but effective control structures are investigated in
detail by analyzing the product purity as a function of time for modified feed gas conditions. In this
work we present a three stage gas permeation process with partial decompression to upgrade biogas
which is presented in Chapter 4. This process is able to achieve both, high CH4 purities as well as
high CH4 recoveries by using only a single compressor.
A dynamic model of a hollow fiber gas permeation module was programmed and applied to the
dynamic process simulation. The process analysis was performed by using Aspen Engineering Suite
[32]. The dynamic model of the gas permeation module was programmed in Aspen Custom Modeler.
Subsequently, the biogas upgrading process was implemented in Aspen Plus using the Aspen Custom
Modeler gas permeation model which was presented in Chapter 3. The flowsheet was exported to
Aspen Plus Dynamics to perform dynamic simulations of the biogas upgrading process. In order to
maintain the product gas purity a control scheme was implemented to adjust changes in the feed
conditions.
Literature on the dynamic modeling of classical membrane processes such as reverse osmosis, per-
vaporation and gas permeation is limited. Typically, these processes are modelled in steady state.
However, in gas permeation two interesting studies have been reported by Bouton and Luyben [154]
and Katoh et al.[41]. Bouton and Luyben [154] analyzed the dynamic behavior of a hydrodealkylation
process (HDA) using a single gas permeation module. They programmed a gas permeation model
in Aspen Custom Modeler and applied it to the dynamic process simulation (Aspen Plus Dynamics)
to identify the economic optimum. Katoh et al. [41] programmed a dynamic multicomponent gas
permeation model to analyze the separation of H2, CH4, C2H6 and C3H8 as well as the separation
of CH4, CO2 and H2. Here, hollow fiber gas permeation modules have been modelled.
In this study we present a model to investigate the dynamic behaviour of a multistage gas per-
meation process. The process analysis facilitates the application of process controllers to maintain
stable product gas conditions. We also present two new process control schemes which are not
limited to the separation of CO2 and CH4.
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Table 5.1: Permeances and feed composition of the biogas components.
Parameter Unit Value
Feed mole fraction CH4 - 0.5
Feed mole fraction CO2 - 0.5
Feed flow rate kmol
h
11.72
Feed temperature ◦C 20
Feed pressure bar 1
Product pressure bar 16
CH4 mole fraction product - 0.96
CH4 permeance GPU 1
CO2 permeance GPU 60
Permeate pressure first stage bar 4
Raw gas
CO2
1
3
2
CH4
Figure 5.1: Flowsheet of a three stage gas permeation process to upgrade biogas and labelling of
the respective membrane stages. Both, high CH4 purities and high CH4 recoveries can
be obtained simultaneously.
5.2 Upgrading process
Biogas mainly consists of CH4 and CO2. Hence, CO2 has to be removed from CH4 to obtain an
upgraded gas with an increased heating value which can be used as natural gas substitute. Several
trace compounds like H2S or H2O are also present in the biogas and these components have to be
removed as well due to their corrosive nature. However, in this study we focus on the separation of
CO2 and CH4 as it is the most important separation for biogas upgrading as a consequence of the
high CO2 load in the feed gas. Hence, all trace components are not considered here. It is a well
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known fact that gas permeation membranes are an excellent technology to separate CO2 and CH4
[2, 93, 117]. Single stage gas permeation processes can be used to generate a CH4 rich product gas,
though significant CH4 losses are observed in the permeate.
Figure 5.1 illustrates the flowsheet of the three stage gas permeation process [155]. Here, the CH4 is
supplied at natural gas grid grade and high CH4 recoveries are obtained. No additional compression
equipment is required, since the upgraded biogas is supplied at pipeline pressure. In this study the
pipeline pressure is assumed to be 16 bar. The gas permeation process consists of three membrane
stages. The first stage is connected to the compression unit and the retentate of the first stage is
the feed of the second stage. The retentate of the second membrane stage is the product, thus the
upgraded biogas. The permeate of the second stage is recycled and mixed with the feed stream to
increase the CH4 recovery. The permeate of the first stage is fed to a third membrane stage. Here,
the retentate stream of the third stage, which is rich in CH4 is recycled and mixed with the feed
stream to further increase the CH4 recovery. The permeate stream of the third stage is the exhaust
gas stream of the process which is enriched in CO2. The driving force of permeation in the third
membrane stage is generated by using a pressure valve at the retentate outlet of the third membrane
stage which also increases the permeate pressure in the first membrane stage. Hence, only a single
stage compressor is required to drive the upgrading process.
The separation of CO2 and CH4 can be done by utilizing glassy polymeric membrane materials.
Table 5.1 shows the typical permeances of the biogas components for such a membrane material as
well as the process conditions applied to the dynamic simulations.
5.3 Process model
The model of a hollow fiber gas permeation module was presented in Chapter 3. This model was
adapted and the dynamic terms were added to the mass balance equations. The mass balances
are the basic equations to be solved. The balance for substances on the retentate side for counter
current flow is:
0 =
∂nR,j
∂t
+
∂n˙R,j
∂x
dx + n˙M,j (5.1)
Here, nR,j is the amount of component i on the retentate side and n˙R,j is the molar flow rate of
component i on the retentate side. The term n˙M,j delineates the molar flow rate through the gas
permeation membrane. The respective balance for the permeate side of the module in counter
current flow is:
0 =
∂nP,j
∂t
+
∂n˙P,j
∂x
dx + n˙M,j (5.2)
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Raw gas
CO2
CH4
PID
(a) Controlling the discharge pressure of the
compressor.
Raw gas
CO2
CH4
PID
(b) Controlling of the second stage permeate
pressure by a vacuum pump.
Raw gas
CO2
CH4
PID
(c) Controlling the permeate pressure of the first
stage and the feed pressure of the third stage
by a throttling valve. Referred to as control
scheme 1.
Raw gas
CO2
CH4
PID
(d) Controlling the permeate pressure of the sec-
ond stage by a throttling valve. Referred to
as control scheme 2.
Figure 5.2: Process control schemes for a three stage membrane based biogas upgrading process to
maintain the CH4 mole fraction in the product gas for variations in the feed conditions.
Simplifying assumptions are made to reduce the model complexity and to enhance the robustness
of the model for dynamic simulation. These simplifying assumptions are: (i) constant permeances,
(ii) isothermal operation and neglecting Joule-Thomson Effect, (iii) neglecting concentration
polarization, (iv) ideal gas behavior, (v) plug flow on lumen and shell side of the module, and (vi)
laminar flow on both sides of the membrane.
Pressure losses are calculated by Hagen-Poiseuille equation. The gas permeation model was pro-
grammed in Aspen Custom Modeler where dynamic simulations can be performed. Subsequently,
the model was exported to the Aspen Plus process simulation engine. Here, the gas permeation
model can be combined with conventional unit operations such as compressors and a flowsheet of
the biogas upgrading process is set up, so that steady state process simulations can be performed.
In order to conduct dynamic simulations of the biogas upgrading process the Aspen Plus flowsheet
was exported to Aspen Plus Dynamics. In Aspen Plus Dynamics process control equipment is
available and used for the biogas upgrading process.
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Table 5.2: Process parameters for both control schemes investigated.
Unit Control 1 Control 2
Membrane area 1. stage m2 520 520
Membrane area 2. stage m2 520 1382
Membrane area 3. stage m2 780 700
Permeate pressure 1. stage bar 4 4
Permeate pressure 2. stage bar 1 3
CH4 mole fraction product - 0.96 0.96
Initial CH4 recovery - 0.995 0.995
Table 5.3: Parameters for the PID controller applied here.
Parameter Unit Value
Proportional gain - 1
Integral gain min 20
Derivative gain min 0
5.4 Process control schemes
Figure 5.2 illustrates possible process control schemes to maintain a CH4 mole fraction of 96 % in
the product gas. The control structure illustrated in Figure 5.2(a) measures the product purity and
adjusts the discharge pressure of the compressor. In case that the CH4 purity decreases the discharge
pressure of the compressor increases and vice versa. However, this control scheme is limited. On the
one hand it is inefficient in case of compensating low product purities since the discharge pressure
of the compressor is higher than the required injection pressure for the natural gas grid. Hence, the
energy demand to drive the process increases. On the other hand if the product purity is higher than
the required injection purity lowering the compressors discharge pressure is limited to the injection
pressure of the natural gas grid, here 16 bar. Thus, controlling the product purity by manipulating
the feed gas compressor is inefficient. However, it is reasonable to note that no additional process
equipment is required.
Figure 5.2(b) shows a process in which the CH4 level of the product gas is controlled by the pressure
on the permeate side of the second membrane stage. By lowering the pressure on the permeate side
the mole fraction of CH4 increases. The additional vacuum pump results in additional investment
costs as well as increasing operating costs. However, the permeate flow rate of the second membrane
stage is low, hence the costs for the vacuum equipment might be insignificant.
The process control scheme presented in Figure 5.2(c) operates without any additional process
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equipment, so that additional investment costs do not emerge. In this particular process the permeate
pressure of the first membrane stage, which is also the feed pressure of the third stage, is controlled
by a PID controller adjusting the pressure valve opening. This process control design is simple
and since the permeate is at elevated pressure anyway, the process performance does not change
significantly compared to a process without a controller.
Figure 5.2(d) illustrates a second process control scheme which operates by changing the permeate
pressure of the second stage. Commonly, the second membrane stage is operated with a permeate
pressure of approximately 1 bar to obtain the highest possible driving force. However, for the process
control design proposed here, a lower driving force is accepted and the permeate pressure is increased
up to 3 bar. The loss of separation performance is compensated by providing additional membrane
area in the second membrane stage to enhance the CH4 recovery. The process operating with an
elevated permeate pressure in the second stage has similar characteristics like the process control
using a vacuum pump on the permeate side of the second stage (see Figure 5.2(b)). This particular
process design has the advantage of operating close to the control factor which is the CH4 mole
fraction in the product gas. Hence, the process control scheme should be able to compensate
changes in the feed conditions faster than the aforementioned process control schemes.
Aspen Plus Dynamics facilitates the application of conventional process control equipment. Hence, it
is possible to implement a control scheme keeping the product purity at specification when changing
feed conditions influence the plant performance.
Two different effects have to be considered when the product gas conditions deviate from the gas
quality specifications. First, the product purity decreases and the product gas cannot be supplied to
the natural gas grid. Second, the change in feed conditions will increase the product purity and the
gas can be supplied to the natural gas grid. However, it is inefficient to supply upgraded biogas with
concentrations significantly higher than the required product purity. Consequently, more energy is
consumed and the CH4 recovery decreases which directly reduces the plants’ profitability.
A PID controller is used to operate the upgrading process since it is the most flexible controller.
The PID controller can be used as a P-, PI- or PD controller by zeroizing the respective controller
parameters. Both process control schemes, which are presented in Figure 5.2(c) and Figure 5.2(d)
are analyzed in detail. Table 5.2 and Table 5.3 present the parameters applied in the dynamic process
simulation.
5.5 Results and Discussion
In this section the impact of changes in the feed conditions on the CH4 mole fraction of the product
gas, which is referred to as product purity, is analyzed. Here, dynamic simulations with and without a
controller, that maintains the product purity, are performed to demonstrate the positive effect of the
controller on the performance of the gas permeation process. Four different scenarios are analyzed
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which are (i) the reduction and (ii) the increase in the feed flow rate as well as (iii) the reduction
and (iv) the increase in the CH4 mole fraction of the feed gas. The changes in these respective
variables are enforced in a S-shape course. The two different control schemes are analyzed in detail,
where the feed conditions, the product purity, the recycle flow rates and the pressure controlling the
product purity are recorded and shown in the following figures.
5.5.1 Control scheme 1 (see Figure 5.2(c))
Increasing the feed flow rate
Figure 5.3 illustrates the performance of the biogas upgrading process for an increase in the feed
flow rate. In this case, the flow rate is changed from 11.72 kmol/h to 12 kmol/h within 5 seconds.
Figure 5.3(a) shows the feed flow rate as a function of time causing the changes of the other
variables in the system. Figure 5.3(b) illustrates the mole fraction of CH4 in the product stream.
For the process without a controller maintaining the product purity, the mole fraction drops under
the gas grid specifications. The changes in the product gas due to changes in the feed conditions are
observed almost instantly in the product gas. Manipulating the feed pressure by applying a controller
to the third membrane stage, the product purity decreases but not as significantly as in the case
without controller. In addition, the controller is able to increase the product purity by increasing
the feed pressure in the third membrane stage (see Figure 5.3(c)). Figure 5.3(b) shows that the
required level of the CH4 mole fraction in the product gas is reached within 45 s.
The feed pressure of the third membrane stage, which is also the permeate pressure of the first stage,
is decreased in order to enhance the driving force for CO2 permeation in the first stage. Hence,
the stage cut in the first gas permeation stage is increased. However, the CH4 recovery of the
upgrading process decreases. The slight increase in the feed pressure of the third stage for a system
without a controller occurs due to a slight increase in the stage cut of the first membrane stage
as a consequence of the changed concentration profile within the first stage. The increased flux in
the first stage increases the flow rate through the pressure control valve. Here, the valve opening
is constant and hence, the pressure upstream of the valve increases. The increased pressure in the
third stage forces more gas through the membrane so that the recycle stream is almost constant for
a system without a controller (see Figure 5.3(d)).
In Figure 5.3(d) the recycle flow rates of the second stage permeate and the third stage retentate
are presented as a function of time and as a response to the changed feed flow rate. For a system
without controller the recycle of the second stage increases due to an increased CO2 level on the
feed side of the second stage. By applying a controller the recycle flow rate of the second stage
decreases since more CO2 is removed in the first membrane stage which results in a lower CO2
concentration at the inlet of the second stage. The recycle flow rate of the third stage is constant
for a system in which no controller is used. By using the controller the recycle flow rate increases
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(a) Feed flow rate as a function of time. (b) CH4 mole fraction in the product gas as a function
of time and as a response to the change in the feed
conditions.
(c) The intermediate pressure, which is the feed pres-
sure of the third membrane stage, is shown as a
function of time.
(d) The two recycle flow rates are illustrated as a func-
tion of time and as a response to changing feed
conditions.
Figure 5.3: Control scheme 1 - The performance of the biogas upgrading process is illustrated for
an increase in the feed flow rate. Both the performance with and without a controller
maintaining the product purity are presented. The dashed lines represent the flow rate
for a process with a control scheme and the full lines illustrate the flow rates for a
process without controller.
due to a driving force reduction as a consequence of the lower pressure on the feed side of the third
stage.
Reducing the feed flow rate
Figure 5.4 illustrates the performance of the gas permeation process for a reduced feed flow rate which
is decreased from 11.72 kmol/h to 11.3 kmol/h within 5 seconds (see Figure 5.4(a)). Figure 5.4(b)
shows the CH4 mole fraction of the product gas as a function of time and as a response to the reduced
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(a) Feed flowrate as a function of time. (b) CH4 mole fraction in the product gas as a function
of time and as a response to the change in the feed
conditions.
(c) The intermediate pressure, which is the feed pres-
sure of the third membrane stage, is shown as a
function of time.
(d) The two recycle flow rates are illustrated as a func-
tion of time and as a response to the change in the
feed conditions.
Figure 5.4: Control scheme 1 - The performance of the biogas upgrading process is illustrated for
a reduction in the feed flow rate. Both the performance with and without a controller
maintaining the product purity are presented. The dashed lines represent the flow rate
for a process with a control scheme and the full lines illustrate the flow rates for a
process without controller.
feed flow rate. By decreasing the feed flow rate the product gas purity increases. Technically the
injection of biogas to the natural gas grid is not affected by a higher CH4 purity. However, it is more
economic for the biogas supplier to only provide gas at the required product gas purity.
For a gas permeation process without controller the CH4 mole fraction of the product gas increases
to 96.4 %. By applying the controller the CH4 purity reaches a maximum value of approximately
96.15 % and the target purity of 96 % is reached after the short period of 15 s.
Figure 5.4(c) presents the feed pressure of the third membrane stage as a response to the reduced
feed flow rate. For the operation without controller, less mass permeates through the first stage
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(a) CH4 feed mole fraction as a function of time. (b) CH4 mole fraction in the product gas as a function
of time and as a response to the change in the feed
conditions.
(c) The intermediate pressure, which is the feed pres-
sure of the third membrane stage, is shown as a
function of time.
(d) The two recycle flow rates are illustrated as a func-
tion of time and as a response to the change in the
feed conditions.
Figure 5.5: Control scheme 1 - The performance of the biogas upgrading process is illustrated for
a reduction of the CH4 mole fraction in the feed gas. Both the performance with and
without a controller maintaining the product purity are presented. The dashed lines
represent the flow rate for a process with a control scheme and the full lines illustrate
the flow rates for a process without controller.
when reducing the feed flow rate. As the valve opening is constant, the reduced flow rate in the feed
of the third stage results in a decrease of the feed pressure of the third stage. In order to maintain
the product purity using a controller it is expedient to increase the pressure on the permeate side of
the first membrane stage. Hence, the stage cut decreases and the CH4 mole fraction in the product
gas decreases as well. The pressure is increased from 4 bar to 4.4 bar.
In Figure 5.4(d) the recycle flow rates of the second and third stage are shown as a function of time.
Similarly to the increase in the feed flow rate, the reduction in the feed flow rate does not affect
the flow rate of the third stage recycle which is due to the selfcompensating effect of the increased
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(a) CH4 feed mole fraction as a function of time. (b) CH4 mole fraction in the product gas as a function
of time and as a response to the change in the feed
conditions.
(c) The intermediate pressure, which is the feed pres-
sure of the third membrane stage, is shown as a
function of time.
(d) The two recycle flow rates are illustrated as a func-
tion of time and as a response to the change in the
feed conditions.
Figure 5.6: Control scheme 1 - The performance of the biogas upgrading process is illustrated for
an increase of the CH4 mole fraction in the feed gas. Both the performance with and
without a controller maintaining the product purity are presented. The dashed lines
represent the flow rate for a process with a control scheme and the full lines illustrate
the flow rates for a process without controller.
pressure on the feed side of the third stage. The flow rate of the second stage recycle decreases
since the inlet mole fraction of CO2 in the second stage is lowered by reducing the feed flow rate.
By applying the controller which increases the permeate pressure of the first stage the recycle flow
rate of the second module increases due to an increase in the CO2 level at the feed of the second
stage. Hence, the driving force for CO2 permeation increases as well. The increased pressure on the
feed side of the third membrane stage results in a reduced recycle flow rate of the third membrane
stage. In contrast to the increase in the feed flow rate for the reduction of the feed flow rate the
change in product purity can be compensated faster (only 15 s).
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Reducing the CH4 level in the feed gas
Figure 5.5 presents the decrease of the CH4 level in the feed gas as well as the response of the
biogas upgrading process to this change. In Figure 5.5(a) the CH4 mole fraction in the feed gas is
illustrated as a function of time which is reduced from 50 % to 45 % while the CO2 level is increased
simultenaously from 50 % to 55 %.
Surprisingly, the mole fraction of CH4 in the product gas increases while reducing the CH4 level in
the feed gas when no controller is applied (see Figure 5.5(b)). This is due to the increased driving
force for CO2 permeation in the first stage. However, by applying a controller to manipulate the feed
pressure of the third membrane stage the required CH4 mole fraction in the product gas of 96 % is
obtained after the short period of 15 s. In addition, the maximum level of CH4 mole fraction in the
product gas is 96.2 %, while the CH4 level for the process without a controller reaches 96.5 %.
Figure 5.5(c) shows the permeate pressure of the first gas permeation stage, which is also the
feed pressure of the third stage, as a response to the reduced CH4 level in the feed gas. For the
process without a controller the pressure increases due to the increased permeate flow rate of the
first membrane stage. Here, the valve opening remains constant so that an increased flow rate
results in an increased pressure. By using a controller the pressure upstream of the throttling valve
is manipulated. In order to reduce the CH4 purity of the product gas the permeate pressure of the
first stage is increased from 4 bar to 4.7 bar to reduce the stage cut in the first stage.
In Figure 5.5(d) the recycle flow rates are presented as a function of time and as a response to
the reduction of CH4 content in the feed gas. For the process without the controller the recycle
flow rates remain almost constant since the system adapts the feed pressure of the third stage.
Applying the controller to increase the permeate pressure of the first stage, the stage cut in the first
membrane stage significantly decreases. This effect is even stronger than the increased driving force
as a consequence of the elevated pressure on the feed side of the third stage and the flow rate of
the third stage recycle decreases.
Increasing the CH4 level in the feed gas
In Figure 5.6 the response of the biogas upgrading process to the change in the feed conditions are
illustrated for an increase in the feed gas CH4 mole fraction. Figure 5.6(a) shows the CH4 feed mole
fraction as a function of time. Here, the CH4 level is increased from 50 % to 55 % within 5 s while
CO2 is balanced at the same time.
In Figure 5.6(b) the CH4 purity of the product gas is illustrated as a response to the change in the
feed mole fraction. By increasing the CH4 in the feed gas the CH4 purity of the product gas declines.
This results from the reduced driving force for CO2 permeation in the first membrane stage. Hence,
the stage cut in the first stage decreases while the CO2 level of the second stage feed increases which
results in a decreased product purity. In order to enhance the product purity to the specification of
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(a) Feed flow rate as a function of time. (b) CH4 mole fraction in the product gas as a function
of time and as a response to the change in the feed
conditions.
(c) The intermediate pressure, which is the feed pres-
sure of the third membrane stage, is shown as a
function of time.
(d) The two recycle flow rates are illustrated as a func-
tion of time and as a response to the change in the
feed conditions.
Figure 5.7: Control scheme 2 - The performance of the biogas upgrading process is illustrated
for an increase in the feed gas flow rate. Both the performance with and without a
controller maintaining the product purity are presented. The dashed lines represent the
flow rate for a process with a control scheme and the full lines illustrate the flow rates
for a process without a controller.
96 % CH4 the feed pressure of the third membrane stage is adjusted. By using the controller the
CH4 level of 96 % in the product gas can be reached after 45 s while the deviation from the initial
purity is less distinct.
Figure 5.6(c) shows the feed pressure of the third membrane stage as a function of time. Here, both
the pressure with and without a controller are presented. For the process without the controller
the pressure decreases due to the reduced permeate flow rate of the first membrane stage and a
constant valve opening. When applying process control, the controller reduces the permeate pressure
of the first stage in order to increase the stage cut of the first stage. Here, the controller sets the
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(a) Feed flow rate as a function of time. (b) CH4 mole fraction in the product gas as a function
of time and as a response of the change in the feed
conditions.
(c) The intermediate pressure, which is the feed pres-
sure of the third membrane stage, is shown as a
function of time.
(d) The two recycle flow rates are illustrated as a func-
tion of time and as a response to the change in the
feed conditions.
Figure 5.8: Control scheme 2 - The performance of the biogas upgrading process is illustrated for a
reduction of the feed gas flow rate. Both the performance with and without a controller
maintaining the product purity are presented. The dashed lines represent the flow rate
for a process with a control scheme and the full lines illustrate the flow rates for a
process without controller.
pressure to approximately 3.4 bar. The recycle flow rates for the process without process control
are almost constant (see Figure 5.6(d)). Only for the second stage recycle a marginal decrease in
the flow rate is observed. This is due to the decreased permeate pressure in the first stage which
results in a reduced driving force for CO2 permeation in the second stage. Applying the controller
the flow rate of the second stage decreases as a consequence of the reduced CO2 level in the feed
gas of the second membrane stage. Figure 5.6(d) also illustrates the recycle flow rate of the third
membrane stage as a response to the increase of the CH4 feed mole fraction. Here, the recycle flow
rate increases due to the lower feed pressure of the third stage.
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(a) CH4 feed mole fraction as a function of time. (b) CH4 mole fraction in the product gas as a function
of time and as a response to the change in the feed
conditions.
(c) The intermediate pressure, which is the feed pres-
sure of the third membrane stage, is shown as a
function of time.
(d) The two recycle flow rates are illustrated as a func-
tion of time and as a response to the change in the
feed conditions.
Figure 5.9: Control scheme 2 - The performance of the biogas upgrading process is illustrated for
a reduction of the CH4 mole fraction in the feed gas. Both the performance with and
without a controller maintaining the product purity are presented. The dashed lines
represent the flow rate for a process with a control scheme and the full lines illustrate
the flow rates for a process without controller.
5.5.2 Control scheme 2 (see Figure 5.2(d))
In this section the performance of the process control scheme depicted in Figure 5.2(d) is analyzed
in detail. In contrast to process control scheme 1 which is presented in Figure 5.2(c) the permeate
pressure of the second membrane stage is manipulated by the controller in order to maintain the
CH4 mole fraction of 96 % in the product gas.
Figure 5.7 shows the impact of an increase in the feed flow rate while Figure 5.8 presents the effect
of a reduced feed flow rate. In principle, the impact on the product mole fraction and the recycle
flow rates is similar to the impact on these variables for process control scheme 1.
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(a) CH4 feed mole fraction as a function of time. (b) CH4 mole fraction in the product gas as a function
of time and as a response to the change in the feed
conditions.
(c) The intermediate pressure, which is the feed pres-
sure of the third membrane stage, is shown as a
function of time.
(d) The two recycle flow rates are illustrated as a func-
tion of time and as a response to the change in the
feed conditions.
Figure 5.10: Control scheme 2 - The performance of the biogas upgrading process is illustrated for
an increase in the CH4 mole fraction in the feed gas. Both the performance with and
without a controller maintaining the product purity are presented. The dashed lines
represent the flow rate for a process with a control scheme and the full lines illustrate
the flow rates for a process without controller.
For the increased feed flow rate the permeate pressure of the second stage increases significantly for
a system operating without a controller. Here, the valve opening in the second stage recycle stream
remains constant. As a result of the increased feed flow rate the driving force for CO2 permeation
in the second stage enhances. Hence, the permeate flow rate increases resulting in an increased
permeate pressure due to the constant valve opening. By applying a controller the permeate pressure
of the second stage is reduced. Here, the reduced driving force due to the low level of CO2 in the
second stage feed gas has to be compensated. The increased driving force results in an increased
recycle flow rate of the second stage. The process where the feed flow rate is reduced shows exactly
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Table 5.4: Comparison of both control schemes for the initial conditions as well as for the steady
state after changed feed conditions.
Control scheme 1 Control scheme 2
p ηCH4 Recycle ratio p ηCH4 Recycle ratio
bar % - bar % -
Initial state 4.00 99.50 0.267 3.00 99.50 0.372
Increasing n˙Feed 3.73 99.53 0.263 2.44 99.67 0.452
Reducing n˙Feed 4.42 98.80 0.288 3.60 99.21 0.331
Increasing xCH4,F eed 3.48 99.62 0.253 2.72 99.56 0.360
Reducing xCH4,F eed 4.67 98.80 0.303 3.40 99.53 0.380
the converse behavior as the process with an increase in the feed flow rate.
In Figure 5.10 and Figure 5.9 the impact of changed CH4 mole fractions in the feed gas is presented
as a function of time. The responses of the CH4 mole fraction in the product gas, the pressures on
the permeate of the second stage as well as the pressure on the feed side of the third membrane
stage, and the recycle flow rates to the changed feed mole fraction are reported. The system
shows a similar behavior as described for process control scheme 1. Hence, the effects discussed in
Section 5.5.1 are also valid for control scheme 2.
5.5.3 Comparing control scheme 1 and scheme 2
Both control schemes are able to maintain the CH4 mole fraction in the product gas for variations
in the feed conditions and have a simple structure. Furthermore, both control schemes do not re-
quire any additional process equipment to operate the upgrading process. However, process control
scheme 1 has the advantage that the operating conditions remain unchanged compared to a process
with conventional control structure such as manipulating the compressor’s discharge pressure.
Anyway process control scheme 2 is an excellent alternative to control scheme 1 though the in-
creased permeate pressure in the second stage requires additional membrane area in the second gas
permeation stage. Process control scheme 2 reacts faster (less than 10 s) and can handle even
strong variations in the feed conditions which are approximately ± 20 % in the feed flow rate as
well as ± 20 % in the CH4 mole fraction of the feed gas. Table 5.4 compares both control schemes
in terms of CH4 recovery and recycle ratio as an indicator for the energy demand. The recycle ratio
is defined as:
recycle ratio =
∑
n˙recycles
n˙f eed
(5.3)
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(a) Feed flow rate and product gas purity as a function
of time.
(b) Compressor discharge pressure and
Figure 5.11: Two advanced control schemes are presented which combine a conventional controller
with a model predictive controller.
In general, the impact of changes in the feed conditions on CH4 recovery is more pronounced for
process control scheme 1. The CH4 recovery in process control scheme 2 is only insignificantly
influenced by changes in the feed. However, control scheme 2 operates with a significantly higher
recycle ratio. It is reasonable to note that the CH4 recovery for process control scheme 2 is almost
constant although the changes in the feed conditions are more pronounced compared to control
scheme 1.
5.5.4 Start up of the process
Commonly biogas processes operate continuously. The shut down and start up of the process
is unavoidable for maintenance intervals. In addition, driving biogas upgrading processes might
support the smoothening of peaks in the electrical grid by discontinuous operation when a surplus
of renewable energy is available (see Chapter 8).
Figure 5.11(a) depicts the feed flow rate and the CH4 product gas mole fraction as a function of
time for a start of a biogas upgrading process. The feed flow rate is increased from 3.75 kmol/h to
the working point flow rate of 11.72 kmol/h within a period of 60 seconds. At the same time the
discharge pressure of the compressor is increased from 8 bar to 16 bar (see Figure 5.11(b)). In order
to maintain the product gas purity, control scheme 1 is applied, in which the permeate pressure of
the first membrane stage is manipulated. This intermediate pressure, which is also the feed pressure
of the third membrane stage, is shown in Figure 5.11(b) as a function of time.
Using control scheme 1 a product gas with the required CH4 mole fraction of 96 % can be provided
at any time. However, the product gas pressure for grid injection is met after 60 seconds. Hence, a
buffer gas storage tank is required to collect the first gas produced during the start of the processes
and continuous operation can be performed when the product gas pressure is at 16 bar. In contrast
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Raw gas
CO2
CH4 purity
PID
MPC
CH4 flow rate
(a) Model predictive controller (MPC) sets the pres-
sure of the first stage permeate.
Raw gas
CO2
CH4 purity
PID
MPC
CH4 flow rate
(b) Model predictive controller (MPC) sets the pres-
sure of the second stage permeate.
Figure 5.12: Two advanced control schemes are presented which combine a conventional controller
with a model predictive controller.
to other biogas upgrading techniques, such as amine absorption, the gas permeation process can be
started and shut down in short periods.
5.6 Advanced control schemes
An advanced method to control the product purity of the biogas upgrading process involves the
application of model predictive controllers combined with the control schemes proposed in this
current study. Here, the conditions in the feed gas are measured online. In case of changed feed
gas conditions the controller immediately sets the pressures in the system. Hence, the controller
reacts on the changed conditions before the purity of the product gas is affected by these changes.
A system operating with this kind of control scheme seems to be more stable and operates faster
than conventional systems measuring the product purity.
Figures 5.12(a) and 5.12(b) show two examples of such a control scheme. In Figure 5.12(a) the
model predictive controller measures the raw gas conditions and sets the feed pressure of the third
stage. A common PID controller measures the product gas purity and adjusts the permeate pressure
of the second stage. Figure 5.12(b) presents a control scheme which operates similarly to the control
scheme presented in Figure 5.12(a). Here, the changes in the feed gas conditions are controlled by
a model predictive controller setting the permeate pressure of the second membrane stage while the
product gas purity is maintained by a controller which adjusts the feed pressure of the third stage.
However, these advanced process control schemes require reliable process models to predict the
system’s behavior. The complexity of the control structure might be a drawback.
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5.7 Conclusion
The presented model of a hollow fiber gas permeation module enables the analysis of dynamic
process behavior which is particularly interesting for processes with varying feed conditions. Biogas
upgrading, which is the separation of CO2 and CH4, is a dynamic process as the feed flow rate as
well as the feed concentrations of CO2 and CH4 might change during operation.
In this study a three stage biogas upgrading process is presented which delivers upgraded biogas at
natural gas grade and achieves high CH4 recoveries at the same time. Two new process control
schemes are presented which do not require additional process equipment to maintain the product
gas purity. Both proposed control structures compensate changing feed conditions within a few
seconds. Due to the deviation from the design point, lower CH4 recoveries and/or increased recycle
flow rate are inevitable. However, particularly for process control scheme 2 the difference in the CH4
recovery between the initial operation and for changed feed conditions is insignificant.
The presented dynamic gas permeation model is not limitied to the biogas upgrading process and
can also handle multicomponent gas mixtures. Processes such as natural gas treatment and air
separation can benefit from the proposed process control schemes presented here.
Also it could be used to investigate the impact of material degradation on the gas permeation process
on a large time scale. In this case, the optimal moment for replacing the membrane modules can
be determined. In addition, combinations of batch reactors and gas permeation modules could be
analyzed.
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6.1 Introduction
Upgraded biogas serves as a natural gas subsitute which can be used for energy supply and as
feedstock for chemical synthesis. Commonly, biogas upgrading is done by absorption or adsorption
techniques. Basically four different technologies are applied in biogas upgrading which are (i)
amine scrubbing, (ii) pressurized water scrubbing, (iii) pressure swing adsorption and (iv) gas
permeation [53]. In principle, it is also possible to use cryogenic technology to separate CO2
and CH4 [156] but due to the extensive energy demand it is not commercially applied in biogas
upgrading. Recently a hybrid process combining membrane technology and cryogenic equipment
was commercialized by Pentair. Combining gas permeation membranes with established separation
processes in so called membrane hybrid processes merges the advantages of both technologies [157].
In this study we provide a techno-economic analysis of membrane hybrid processes for biogas
upgrading. In general, two different process configurations are investigated. In the first configura-
tion the membrane performs the bulk separation while the conventional gas separation equipment
polishes the biogas to natural gas grade. In the second case the membrane produces the upgraded
biogas in a single stage while CH4 in the permeate is recovered by conventional gas separation
techniques.
The on-farm application of gas separation equipment requires robust and low cost operation. The
fusion of gas permeation membranes and established technologies support low operation costs.
Membrane hybrid processes have been of strong interest in research and development [158–160].
In particular, pervaporation or vapor permeation processes combined with conventional separation
equipment have been analyzed extensively [20, 161–168]. In gas separation particularly natural gas
treatment with membrane hybrid processes [69, 79, 169] and hybrid processes for post-combustion
CO2 capture were investigated [108, 170]. Various studies have been performed where membranes
are combined with adsorption technology [43, 171–174]. However, this study at hand focuses on a
combination of liquid and low temperature separation techniques with gas permeation membranes.
We analyzed different process configuration with Aspen Plus and performed a full cost calculation.
This includes the determination of investment and operational costs. Due to the lack of data for
investment costs we applied Guthrie’s method [110, 149, 150] for investment cost estimation.
The data for the individual absorption processes obtained from the process simulations coincide
with the data published in literature demonstrating the reliability of the process models [5]. For
pressurized water scrubbing (PWS) processes the combination with membrane technology offers
advantages over the single PWS process, since both process configurations have lower upgrading
costs compared to the conventional process. The amine scrubbing process only benefits from
the combination with a gas permeation stage in the process where the membrane performs
the bulk separation. The impact of the membrane on the separation process is most remark-
able for the cryogenic process. The specific upgrading costs reduce to only 9 % of the costs for
the conventional process so that the hybrid process competitive to established upgrading techniques.
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6.2 Upgrading process
In biogas upgrading primarily CO2 has to be removed from CH4 to enhance the heating value of
the product gas which is supplied to the natural gas grid. The CH4 mole fraction in the raw gas of
60 % has to be increased to more than 96 % in order to meet the natural gas grid requirements.
Several trace components are present in the raw biogas. Table 6.1 shows these components and
their respective mole fraction in the raw gas.
The product gas is supplied to the natural gas grid at elevated pressures (4 to 70 bar) by using a
multistage compressor. In this current study, we assume that the biogas is delivered at 16 bar. In
order to compare the various processes, the product gas pressure is set to 16 bar even if the process
commonly operates at ambient pressure such as the amine absorption process.
6.3 Process description
In principle, two different process configurations are analyzed here. One in which the membrane
is used for the bulk removal of CO2 and the conventional separation equipment performs the final
purification. And a second configuration where the conventional separation technology is used to
enhance the CH4 recovery by separating CO2 and CH4 in the permeate stream of the gas permeation
stage. The flowsheets presented here only contain the most important unit operations. Pumps as
well as pressure valves which are extensively used in the absorption processes are not illustrated to
keep the flowsheets simple. However, the process conditions for the different unit operations are
given in the flowsheets (see Figure 6.1 - Figure 6.4).
6.3.1 Hybrid process with pressurized water scrubbing
Figure 6.1 shows two hybrid processes in which a single gas permeation stage is combined with a
pressurized water scrubbing vessel. The upgraded biogas leaving the absorption column is saturated
with water and might contain traces of H2S. Hence, a drying step and a fine desulfurization unit
are installed prior to grid injection. In both processes the loaded solvent enters a flash vessel at a
pressure of 3 bar. Here, the CH4 rich vapor is recycled to the absorption column to increase the CH4
recovery. The liquid leaving the flash is fed to a stripping column in which air is used as a stripping
gas to remove CO2. The lean water is recycled and fed to the absorption column.
In Figure 6.1(a) the retentate of the gas permeation stage enters the absorption column. Here, a
significant fraction of CH4 permeates through the membrane and leaves the process as exhaust gas.
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Table 6.1: Feed and product gas conditions for a typical biogas upgrading process. The permeances
of the polymeric membrane material are also presented.
Unit Value
Raw gas mole fraction
CH4 - 0.6
CO2 - 0.367
H2O - 0.031
H2S - 0.002
Raw gas flow rate m3(STP )/h 150 - 2000
Raw gas temperature ◦C 20
Raw gas pressure bar 1
Product pressure bar 16
Product mole fraction CH4 - 0.96
Permeate pressure bar 1
Permeance
CH4 GPU 1
CO2 GPU 60
H2O GPU 300
H2S GPU 100
Figure 6.1(b) shows a process flowsheet in which the gas permeation stage provides a product gas
with the required gas grid specifications. However, as significant amounts of CH4 are lost in the
permeate, this particular stream is fed to the absorption column of a water scrubbing process. The
purified gas from the absorption vessel has to be compressed to meet the natural gas grid pressure.
6.3.2 Hybrid process with amine scrubbing
Figure 6.2 illustrates two different hybrid processes in which a gas permeation membrane is connected
with an amine absorption process. Various process configurations are reported for regenerating the
loaded solvent [5]. Here, we use a three step desorption process in which the solvent leaving the
absorption column is heated by the recycle streams of downstream purification steps. The hot
solvent enters a first flash vessel operating at 9 bar. The liquid leaving this vessel is fed to a second
flash which has a pressure of 10 bar. Both vapor streams, from the first and the second flash vessel,
are mixed and fed to a third flash to recover the CH4 in the vapor phase. The third flash operates
at 9 bar and a temperature of 20 ◦C. The gas phase leaving this flash is the exhaust gas of the
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CO2
CH4
CO2
H2O H2S
9 bar
70% CH4
16 bar
9 bar
3 bar
25C
1.16 bar
1 bar
25 C
4 stages
Air
(a) Membrane hybrid process in which the retentate
stream of the membrane is fed to a pressurized
water scrubbing absorber which is referred to as
PWS 1.
CH4
CO2
H2O H2S
16 bar
16 bar
9 bar
1 bar
3 bar
25 C
1.16 bar
1 bar
25 C
Air
98.5% CH4
(b) Membrane hybrid process in which the permeate
stream of the membrane is fed to a pressurized
water scrubbing absorber which is referred to as
PWS 2.
Figure 6.1: Two membrane hybrid processes are presented in which gas permeation technology is
combined with pressurized water scrubbing equipment.
process mainly containing CO2. The liquid streams of the second and third flash are recycled to
the absorption column and they are used for heat integration to increase the temperature of the
inlet stream of the first flash. Since the amine solution is able to strongly bind H2S molecules the
regeneration of the solvent is extremly expensive when H2S is fed to the amine process. Hence, a
desulfurization unit is installed upstream of the absorption column. The gas leaving the absorption
column is saturated with water requiring a drying step prior to gas grid injection.
In Figure 6.2(a) the gas permeation stage is used to perform the bulk separation of CO2 and CH4.
The final polishing of the biogas is performed by the amine absorption process. The permeate of the
membrane stage as well as the vapor stream of the third flash vessel leave the process as exhaust
gases. Particularly, the permeate stream of the membrane stage might contain significant amounts
of CH4 which reduces the CH4 recovery of this process configuration.
Figure 6.2(a) depicts a process configuration where the amine absorption column is applied to recover
the CH4 from the permeate stream of the membrane stage. Hence, the raw biogas is polished in
the membrane stage to natural gas grade, while the permeate is separated into a CH4 rich gas at
the column top and a CO2 rich gas at the third flash vessel outlet.
6.3.3 Hybrid process with cryogenic separation
Figure 6.3(a) illustrates a process in which gas permeation technology is combined with cryogenic
separation. This particular process configuration is analyzed here, because it has recently been com-
mercialized by Pentair. Since the CO2 is obtained at high purity and in liquid phase it could be sold
increasing the profitability of the process.
The permeate stream of the gas permeation stage is compressed to 20 bar, pre-cooled to a temper-
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CO2
H2O
H2S
9 bar
12 bar
138C
99.9% CH4
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10 bar
9 bar
9 bar30 C
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(a) Membrane hybrid process in which the retentate
stream of the membrane is fed to an amine scrub-
bing absorber. This process is referred to as
Amine 1.
CH4
CO2
H2O
H2S 12 bar
138 C
11 bar
140 C
10 bar
9 bar
9 bar30 C
38 C
16 bar 95.6% CH4
11% CH4
25 wt% 
DEA
1 bar
95.3% CH4
16 bar
(b) Membrane hybrid process in which the perme-
ate stream of the membrane is fed to an amine
scrubbing absorber. This process is referred to as
Amine 2.
Figure 6.2: Two membrane hybrid processes are presented in which gas permeation technology is
combined with amine scrubbing equipment.
CH4
CO2 (liquid)
H2O H2S
16 bar
20 bar
-25 C
7 stages
(a) Membrane hybrid process in which the permeate of
the gas permeation membrane is compressed and
separated in a low temperature distillation column.
This process is referred to as Cryogen.
CH4
H2O H2S
CHP
heat
power
16 bar
11% CH4
>30% CH4
Air
λ = 1.3
(b) Gas permeation process connected to an engine
which used the permeate stream as well as air and
a fraction of the raw biogas to provide both, heat
and power. This process is referred to as CHP.
Figure 6.3: Two entirely different membrane hybrid processes are presented. A cryogenic separation
which separates the gases resulting from the permeate stream of the membrane module.
And a second process in which the permeate of the membrane stage is used to drive a
combined heat and power engine.
ature of -25 ◦C and fed to a low temperature distillation column. In the distillation column a pure
CH4 stream is obtained at the column top and CH4 recoveries of almost 100 % can be achieved.
A drying and a desulfurization step are installed upstream of the membrane stage as H2O and H2S
will accumulate on the permeate side of the membrane stage reducing the purity of the gas streams
in the distillation column.
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Raw gas
CO2
1
3
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CH4
Figure 6.4: Three stage gas permeation process in which the permeate pressure of the first stage is
elevated to drive the permeation in the third membrane stage. This process is referred
to as 3 stage GP.
6.3.4 Combination of a gas permeation process and a combined heat and power engine
A combined heat and power engine which uses the permeate of the membrane stage as feedstock
is depicted in Figure 6.3(b). This particular process design serves as a benchmark, since it is highly
efficient in case that the produced heat can be utilized. The raw biogas is upgraded to the required
grade in a single stage membrane process. Here, a significant fraction of CH4 permeates through
the membrane and mole fractions as high as 7 % can be found in the permeate stream. Since this
CH4 is to low to drive the gas engine, a fraction of the raw gas is mixed with the permeate stream to
adjust a CH4 level of 30 % [114]. In addition, air is fed to the gas engine. The gas engine supplies
both, heat and electrical energy. The latter can directly be used to drive the compressor for the
membrane separation.
6.3.5 Benchmark processes
The stand alone processes of amine absorption, pressurized water scrubbing and a three stage gas
permeation process (see Figure 6.4) serve as a benchmark for the membrane hybrid processes. The
membrane process operates at elevated permeate pressures in the first gas permeation stage to
provide the driving force of permeation in the third stage. A detailed overview on the process
equipment applied in the investigated processes is given in Table 6.2 and it summarizes the number
of process equipment for each hybrid process.
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Table 6.2: Number of unit operations applied in the different hybrid processes.
PWS 1 PWS 2 Amine 1 Amine 2 Cryogen CHP 3 stage GP
Compressors / blowers 3 3 2 2 2 1 1
Pumps 1 1 3 3 - - -
Flash vessels 1 1 3 3 - - -
Columns 2 2 1 1 1 - -
Heat exchangers 1 1 7 7 2 - -
Membrane stages 1 1 1 1 1 1 3
Gas engines - - - - - 1 -
Table 6.3: Physical properties methods applied in the Aspen Plus simulations.
base method exception
PWS 1 / PWS 2 Predictive Soave-Redlich-Kwong GP = Soave-Redlich-Kwong
Amine 1 / Amine 2 AMINES GP = Soave-Redlich-Kwong
Cryogen / CHP / 3 stage GP Soave-Redlich-Kwong -
6.4 Process model
6.4.1 Unit operation models and model parameters
Flowsheets for the different process configurations are set up in Aspen Plus. The processes are
built by applying models for absorption columns, distillation columns, flashes, compressors and gas
permeation modules. All these models are built-in models in Aspen Plus.
Only the gas permeation model is not part of the Aspen Plus model library. Hence, we implemented
a model for a gas permeation module in Aspen Custom Modeler and incorporated it into the Aspen
Plus environment. The equations and the model validation are reported in Chapter 3. In this study
at hand, we assume that the module operates isothermal and that effects such as concentration
polarization, real gas behavior and pressure losses can be neglected. Equilibrium models are applied
to determine the performance and the number of theoretical separation stages of the absorption
columns. The built-in multistage compressor model is applied as operating pressures of more than
9 bar and 16 bar, respectively, have to be provided. Isentropic compression is assumed with an
isentropic efficiency of 0.72, while the mechanical and the electrical efficiency are 0.9 and 0.99,
respectively.
Table 6.3 presents the physical property methods for the different hybrid processes. The base method
refers to the property method applied to the entire process and the column exceptions summarizes
the equipment which rely on a different property method. Table 6.2 indicates that the hybrid
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Table 6.4: Parameters for investment cost estimation using Guthrie’s mehtod for the different unit
operations.
MPF MF d0 l0 C0 S0 α β
Compressors 1.29 5.11 - - 23000 $ 100 bhp 0.77 -
Blowers 1.00 5.11 - - 23000 $ 100 bhp 0.77 -
Absorber 3.67 6.23 3 ft 4 ft 1000 $ - 0.81 1.05
Desorber 3.67 6.23 3 ft 4 ft 1000 $ - 0.81 1.05
Distillation column 3.67 6.23 3 ft 4 ft 1000 $ - 0.81 1.05
Flash vessel (< 10 bar) 4.22 6.23 3 ft 4 ft 1000 $ - 0.81 1.05
Flash vessel (≥ 10 bar) 4.40 6.23 3 ft 4 ft 1000 $ - 0.81 1.05
Pumps 2.89 5.38 - - 650 $ 2000 gpm psi 0.36 -
Heat exchanger (< 100 ft2) 2.08 3.83 - - 300 $ 5.5 ft2 0.024 -
Heat exchanger (≥ 100 ft2) 3.08 5.29 - - 5000 $ 400 ft2 0.65 -
processes are complex in terms of the number of process equipment. The hybrid process involving
the combined heat and power engine as well as the three stage gas permeation process include only
a limited number of unit operations which makes them less prone to incidents.
6.4.2 Economic parameters
In order to evaluate the different process configurations an economic analysis is performed. Both
operating and investment costs are taken into account. Operating costs considered here are cost
for electricity, for heat, for cooling and costs for chemical substances presented in Table 6.6. The
investment costs are estimated by Guthrie’s method [110, 149, 150]. The general approach is to
determine the investment costs IC by:
IC = UF · BC · (MPF + MF − 1) (6.1)
UF is the update factor taking the current price level into account. Here, an update factor of 4.91
(valid in 2011) is assumed. MPF is the material and pressure correction factor, and MF is the
module factor accounting for the size of the equipment. The bare module costs BC are calculated
with an exponential approach
BC = C0 ·
(
S
S0
)α
(6.2)
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Table 6.5: Investment and operational costs for additional process equipment.
[m3(STP)/h] 150 500 1000 2000
Rough desulfurisation [175]
Investment costs [Euro] 159000 159000 159000 159000
Operating costs [Euro/a] 2674 7890 15800 31500
Fine desulfurisation [175]
Investment costs [Euro] 16000 16000 16000 16000
Operating costs [Euro/a] 7651 24200 47957 95400
Adsorptive drying [175]
Investment costs [Euro] 16873 20500 22663 25500
Operating costs [Euro/a] 2575 8740 17158 34300
Off-gas treatment [176]
Investment costs [Euro] 173241 200000 250000 265000
Operating costs [Euro/a] 6000 6000 6000 6000
Table 6.6: Parameters for operation costs.
Unit Costs
Electricity Euro/kWh 0.08
Water Euro/m3 2
Heat Euro/kWh 0.046
Amine Euro/t 2150
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(a) Investment costs as a function of feed flow rate. (b) Operating costs as a function of feed flow rate.
Figure 6.5: Investment and operational costs for plant sizes ranging from 150 to 2000 m3(STP )/h
feed flow rate. The investment costs are given in Mio. Euros while the operating costs
are depicted in 1000 Euros.
for equipment such as compressors, heat exchangers and pumps. Whereby, S characterizes the size
of the equipment. C0 and S0 are the reference costs as well as the reference characteristic value,
respectively. The exponent α is often less than 1 to take the economy of scale effect into account.
For absorption columns and pressure vessels both, the height l as well as the diameter d , determine
the investment costs. Both contribute individually to the costs by using a different exponent to
account for the size of the equipment:
BC = C0 ·
(
l
l0
)α
·
(
d
d0
)β
(6.3)
The complet set of parameters to be applied using the Guthrie methode including MPF, MF, α, β
and the reference values for C0, S0, l0, as well as d0, are presented in Table 6.4.
The lifetime of the membrane is assumed to be 4 years. The specific membrane module costs includ-
ing peripherical equipment, such as piping and control devices, are assumed to be 102.30 Euro/m2.
The costs to replace the membrane after 4 years operation is assumed to be 55 Euro/m2.
An annual operation of 8000 h is used in the economic evaluation. Furthermore, an amortization
period of 8 years and an interest rate of 9 % are assumed. Additional investment and operational
costs for drying, desulfurization and exhaust gas treatment are summarized in the Table 6.5.
6.5 Results and discussion
In this section the different hybrid processes are compared to each other as well as to conventional
separation technologies which only use an individual process such as amine scrubbing without the
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(a) Comparison of the different hybrid processes with re-
spect to the specific upgrading costs which are pre-
sented as a function of feed flow rate. Here, the up-
grading costs refer to the product flow rate.
(b) Comparison of the different hybrid processes with re-
spect to the specific upgrading costs which are pre-
sented as a function of feed flow rate. Here, the up-
grading costs refer to the feed flow rate.
Figure 6.6: The specific upgrading costs are presented for the different hybrid process configurations
as a function of the feed flow rate.
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Figure 6.7: Annual operation costs splitted in annual operation costs and annual costs for invest-
ment. The data is shown for a feed flow rate of 1000 m3(STP )/h.
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application of a membrane. The CHP process is different to the other processes since a significant
fraction of the raw gas is mixed with the permeate from the gas permeation stage to enhance the
heating value of this gas mixture. Here a CH4 content of at least 30 % is required to drive the gas
engine. In the CHP process the focus is not only providing an upgraded biogas, but also electricity
and heat from the gas engine. Therefore, only low CH4 recoveries can be achieved while the other
hybrid processes operate by supplying a gas with a high CH4 mole fraction and drive the process
with CH4 recoveries as high as 99.9 %. This exception of the CHP process has to be taken into
account while reviewing the following graphs.
6.5.1 Investment costs
Figure 6.5(a) presents the investment costs for the membrane hybrid processes as a function of feed
flow rate. The investment costs for the CHP process are lowest. For the hybrid processes where high
CH4 recoveries are obtained the PWS 1 and the cryogenic process have the lowest investment costs.
For processes with feed flow rate of more than 1500 m3(STP )/h the PWS 1 has the lowest investment
costs. In case that the feed flow rate is less than 1500 m3(STP )/h the cost for investment are lowest
for the hybrid cryogenic process. Interestingly, the three stage membrane processes has particularly
low investment costs for a process with a feed flow rate of 150 m3(STP )/h. The gas permeation
process has similar investment costs as the cryogenic process. The slope of the curve illustrating
the investment costs for the gas permeation process is strongest due to the economy of scale effect.
The investment costs for the membrane modules increase linearly with increasing feed flow rate.
The economy of scale effect is remarkable for the absorption processes as the costs for vessels, heat
exchanger, pumps and columns show a distinct dependency on equipment size indicated by the α
in Table 6.4.
6.5.2 Operating costs
Figure 6.5(b) depicts the annual operating cost for the hybrid processes as a function of the feed flow
rate. While the investment cost for the hybrid cryogenic are low the operating costs are highest for
the whole range of feed flow rates. Both hybrid processes involving the pressurized water scrubbing
technology have the lowest operating costs. For the PWS processes the regeneration of loaded
solvent is less expensive compared to the amine absorption as only air is fed to the stripping column
without introducing large amounts of heat to dissolve the CO2 from the solvent. In addition, the
compression duty is lower compared to the 3 stage gas permeation process, since no recycle stream
in used in PWS 1 nor in PWS 2. However, the CH4 recovery of PWS 1 is low.
In Figure 6.7 the annual upgrading costs are presented for the hybrid processes at a raw gas flow rate
of 1000 m3(STP )/h. Both, annual operation costs and annual interest payments due to investment
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costs are included. For the processes using pressurized water scrubbing technology, for the CHP
process and for the 3 stage membrane process the investment costs dominate the annual operation
costs. For the amine processes and for the hybrid cryogenic separation the operating costs are equal
or higher than the investment related costs.
6.5.3 CH4 recovery
In Figure 6.8 the CH4 recovery is presented for the membrane hybrid processes. The CH4 recovery
of the CHP process is remarkably lower than that of the other processes since a major fraction of
the raw gas is used to drive the gas engine. For the processes focusing on upgrading two types
of processes are distinguished. First, the processes in which a single gas permeation membrane
performs the bulk separation and the conventional process equipment is used for final purification
are analyzed. Here, significant CH4 losses via the permeate of the membrane stage result in low
CH4 recoveries.
Figure 6.10 presents the CH4 loss as a function of feed pressure of the membrane stage for PWS 1
and Amine 1. For both processes the CH4 loss decreases with increasing feed pressure since the
membrane module operates in the pressure ratio controlled region. Hence, the operation at higher
pressure ratios facilitates the production of a purer permeate, resulting in reduced CH4 losses. The
CH4 loss is more pronounced for the PWS 1 process. This is due to the unavoidable CH4 losses
in the pressurized water scrubbing process and the losses in the permeate of the membrane stage,
which add up to the total CH4 loss. For process configuration PWS 2 the CH4 loss is low as only a
small fraction of the CH4 present in the raw gas are fed to the absorption process while for PWS 1
the major fraction of the CH4 is in contact with the solvent.
In Figure 6.11 the CH4 loss as well as the required membrane area for PWS 1 are presented as a
function of the CH4 mole fraction in the retentate of the membrane stage at a feed pressure of
16 bar and a flow rate of 1000 m3(STP )/h. The retentate mole fraction is an indicator for the ratio
of the separation performed by the membrane stage and by the pressurized water scrubbing process.
The higher the retentate mole fraction the higher the fraction of the bulk separation performed
by the membrane. The required membrane area increases drastically with increasing CH4 purity
in the retentate since the driving force for CH4 permeation strongly decreases. By providing more
membrane area, more CH4 permeates through the membrane resulting in extensive CH4 losses.
Hence, the ratio of the separation performed by the membrane stage and separation performed by
the absorption process has to be chosen carefully as it directly determines the CH4 loss.
The second process type is characterized by a single stage membrane which is combined with
conventional gas separation equipment to recover the CH4 from the membrane stage permeate. For
this process configuration CH4 recoveries of more than 99.5 % are realized. This is particularily
important as for biogas injection in Germany additional gratuities are paid for processes with CH4
recoveries of more than 99.5 %. The individual amine absorption process has CH4 recovieres as high
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Figure 6.8: The CH4 recovery is illustrated for the different hybrid processes at a feed flow rate
of 1000 m3(STP )/h. The CH4 recovery of the hybrid combined heat and power process
(CHP) is significantly lower compared to the other process configuration. A significant
fraction of the raw gas is used to increase the CH4 level in the feed for the gas engine.
Table 6.7: Energy demand and generation for a combined heat and power engine.
m3(STP )/h 150 500 1000 2000
Electrical energy demand (compression) kWh 17 58 116 233
Electrical energy produced kWh 93 309 618 1231
Electrical energy produced netto kWh 72 239 478 949
as 99.9 % while the pressurzied water scrubbing process only obtains CH4 recoveries of 98 % [5, 177].
6.5.4 Specific upgrading costs
Figure 6.6(a) and Figure 6.6(b) show the specific upgrading costs as a function of feed flow rate with
respect to the product and the feed, respectively. Both calculations are presented as the specific
upgrading costs reported in literature [5] are often presented either with respect to the product or
feed flow rate.
The absolute value of the specific upgrading costs is higher in the case where it is related to the
product flow rate. However, the general result which is the order of the processes from the cheapest
to the most expensive process does not change for both calculations.
123
Chapter 6 Membrane hybrid processes for biogas upgrading
PWS PWS 1 PWS 2 Amine Amine 1 Amine 2 Cryogen HybridCryo CHP 3 stage GP
0.00
0.05
0.10
0.15
1.5
1.6
1.7
1.8
1.9
2.0
S
pe
ci
fic
 u
pg
ra
di
ng
 c
os
ts
 [E
ur
o/
m
³(
S
TP
) P
ro
du
ct
]
Process
Fraunhofer UMSICHT
Figure 6.9: Comparison of the different hybrid processes in term of the specific upgrading costs.
Here, the upgrading costs are presented with respect to the product flow rate. The data
is shown for a feed flow rate of 1000 m3(STP )/h. The filled symbols refer to published
data for the amine and the pressurized water scrubbing process [5].
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Figure 6.10: CH4 loss as a function of the membrane feed pressure for a feed flow rate of 1000
m3(STP )/h. Comparison of PWS 1 and Amine 1.
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Figure 6.11: PWS 1 Membrane area and CH4 loss as a function of CH4 retentate mole fraction.
The data is shown for a feed flow rate of 1000 m3(STP )/h and a feed pressure of 16 bar.
Two groups of processes can be identified. The first group include both hybrid amine systems as well
as the hybrid cryogenic process. Here, the level of the specific upgrading costs is significantly higher
than that of the second group which includes the water scrubbing processes and the three stage
membrane process. As the CHP process has the lowest investment costs as well as low operational
costs the specific upgrading costs are least significant.
The sharp decrease of the specific upgrading costs with increasing feed flow rates is attributed to the
investment costs for peripherical equipment such as exhaust gas treatment and desulfurization (see
Table 6.5). Here, the investment costs for rough desulfurization as well as for exhaust gas treatment
do not change significantly with increasing feed flow rate. Hence, this impact is more pronounced
in case of low feed flow rates. In addition, the economy of scale effect reduces the influence of the
feed flow rate on the upgrading costs for large feed flow rates.
6.5.5 Comparison to conventional technologies
Figure 6.9 shows the specific upgrading costs for the hybrid processes investigated here as well as
the costs for the individual processes operating without a gas permeation. The unfilled symbols refer
to data obtained from the simulations while the filled symbols refer to real process data reported by
Fraunhofer UMSICHT [5]. In general, the calculated data agrees well with the published data for
both, the water scrubbing and the amine absorption process.
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Table 6.8: Plant profit as a function of feed flow rate.* Electrical energy revenue and heat sales
are not taken into account. This would enhance the performance of the CHP plant.
Feed flow rate PWS 1 PWS 2 Amine 1 Amine 2 Cryogen CHP* 3 stage GP
m3(STP )/h 1000 Euro
150 392 408 301 320 366 335 398
500 1477 1461 1255 1266 1340 1156 1458
1000 3050 3010 2663 2687 2773 2342 2990
2000 6256 6145 5563 5613 5647 4738 6091
The pressurized water scrubbing process benefits by applying a gas permeation membrane. The
specific upgrading costs are lower for the hybrid processes compared to the conventional scrubbing
process operating without a membrane. For the amine absorption process only the process config-
uration in which the membrane performs the bulk separation and the scrubber does the final gas
polishing seems to be better than the conventional amine absorption process. The application of
a gas permeation membrane has a paramount impact on the cryogenic separation processes. The
upgrading costs reduce to less than 9 % by operating a membrane hybrid process instead of an
individual cryogenic process. The specific upgrading costs for the combined heat and power process
are lowest as it operates self-sustaining. Table 6.7 indicates that only 20 % of the electrical energy
supplied by the gas engine are required to drive the compressor for the membrane process. The
excess energy can be fed into the electrical grid. However, this process is only efficient in case
that the produced heat can be utilized. It has to be noted that the CH4 recovery is low (see Fig-
ure 6.8). The specific upgrading costs for the three stage gas permeation process are lower than
the upgrading costs for all conventional upgrading technologies. Compared to the hybrid processes
only the two processes in which gas permation membranes are combined with a pressurized water
scrubbing process have lower upgrading costs than the individual gas permeation process. However,
operating PWS 1 results in significant CH4 losses. In general, the PWS hybrid processes include lots
of different equipment which is less robust than the three stage gas permation system as it is only
equipped with a multistage compressor and membrane modules in the three membrane stages.
6.6 Conclusion
Membrane hybrid processes in which gas permeation technology is combined with established gas
separation techniques such as pressurized water scrubbing, amine absorption and cryogenic separa-
tion are attractive for biogas upgrading. These hybrid processes were primarily investigated in terms
of upgrading costs using Aspen Plus. Investment costs are accounted for by Guthrie’s method for
126
6.6 Conclusion
equipment cost estimation.
Comparing the hybrid processes to the established separation techniques clearly shows that estab-
lished upgrading processes would benefit from a combination with membrane technology. Solely the
amine hybrid process in which the permeate of the membrane stage is fed to the amine absorber
has higher upgrading costs than an individual amine absorption process. The application of a gas
permeation stage is paramount for the cryogenic separation. Only the membrane cryogenic hybrid
process is competitive to established separation techniques while the upgrading costs for an indi-
vidual cryogenic process are an order of magnitude higher than the costs for established upgrading
processes. Linking a gas engine to the permeate of a single gas permeation stage is particularly
attractive when the heat produced along with the electricity can be utilized. Due to the low CH4
recovery it is not recommended to built such a plant in case that the heat is unused. Ultimately,
a non-hybrid three stage gas permeation process was investigated which also shows low upgrading
costs and operates with high CH4 recoveries. Due to its simple process layout, only involving a
single compressor, this process seems to be highly attractive. The robustness of this process makes
it particularly suitable for on-farm operation in small and medium scale biogas upgrading plants.
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7.1 Introduction
In biogas upgrading CO2, H2S and H2O have to be removed from CH4 to inject the upgraded
gas into the natural gas grid. Various technologies are available to remove the single compounds
individually from CH4. Combining these three purifying steps leads to numerous combinations of the
different unit operations. Furthermore, the operation of the different design alternatives can be done
at different process conditions and a straight forward evaluation of all combinations is impossible.
Hence, we present a superstructure optimization model which supports the selection of the most
profitable process configuration for biogas upgrading. For specified economic parameters and the
feed gas conditions the optimization model determines the most profitable process configuration by
selecting and sizing the unit operations, specifying their sequence and by determining the process
conditions, mainly the pressures.
In biogas upgrading process conditions and parameters remarkably influence the profitability of the
upgrading process. Costs of electricity and steam are key process parameters and they play an
important role in determining the operating costs of upgrading processes. Prices for utilities may
differ significantly for different biogas sites and an individual survey is required to determine the most
profitable upgrading technique for a specific biogas site. In this work at hand the state equipment
approach is applied to determine the optimal process configuration for a biogas upgrading process.
7.2 Process equipment for biogas purification
Table 7.1 lists the unit operations and indicates for which separation the equipment is used in this
study. The most important equipment in biogas upgrading are technologies to remove CO2 as it is
the bulk component to be removed from CH4. Here, three different technologies are considered in
the optimization model which are: (i) a three stage gas permeation process, (ii) an amine absorption
process and (iii) a pressurized water scrubbing process. These technologies have to be combined
with desulfurization and gas drying equipment to provide a biogas which can be injected into the
natural gas grid. Pressure swing adsorption is an established technique to adsorb CO2 but due to
its low CH4 recovery (< 96 %) it is not considered here [5].
For rough desulfurization, iron chelates in aqueous solution (RedOx) are applied to remove H2S.
99.9 % of H2S can be removed and a load of 0.1 - 3 mol-% H2S in the raw gas can be treated with
such a system. The rough desulfurization is important for the amine absorption process since the
amines strongly bind H2S and regenerating the solvent is expensive. Fine desulfurization is achieved
with adsorption on activated carbon.
Four methods to dry the biogas are considered here. Water vapor condenses in the compression
equipment at elevated pressures and low temperatures. A significant amount of water condenses in
the heat exchanger downstream of the compressor so that only a fine drying step is required which
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Table 7.1: Unit operations for desulfurization, drying and CO2 removal in biogas upgrading pro-
cesses.
H2S H2O CO2
RedOx Condensation Amine absorption
Activated carbon Silica gel Gas permeation
Activated carbon Pressurized water absorption
Glycol absorption
Table 7.2: Feed gas conditions and product gas requirements.
Unit Feed Product
CH4 mol-% 60 > 96
CO2 mol-% 35 < 4
H2O mol-% 3 < 0.08
H2S mol-% 2 < 0.0003
Pressure bar 1.013 16
can be accomplished by glycol absorption, adsorption on activated carbon or silica gel.
7.3 Process model
The superstructure model which is based on physical and economic equations facilitates the fast de-
termination of the most profitable biogas upgrading process. Short cut models for the involved unit
operations are used in a superstructure optimization. The model equations and a detailed summary
of the parameters for the unit operations are reported in the Appendix 7.6.
Table 7.2 presents the feed gas conditions and product gas requirements. The feed gas mainly
consists of CH4 and CO2. However, strict quality requirements of the product gas have to be met to
Table 7.3: Economic parameters and process conditions for a base case and the parameter ranges
which are used in the sensitivity analysis.
Unit Base case Range Increment Reference
Electricity cost Euro
kWh
0.08 0.04 - 0.36 0.04 [178]
Steam cost Euro
t
20 10 - 40 10 [178]
Water cost Euro
m3
0.08 0.04 - 0.36 0.04 [178]
Feed flow rate m
3(STP )
h
1000 500 - 2000 500 [2]
Feed mole fraction CH4 - 0.6 0.5 - 0.7 0.1 [2]
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H2O
H2S
CO2
Compression
Figure 7.1: Superstructure optimization approach used to determine the optimal biogas upgrading
process. All possible connections between the involved unit operations are illustrated.
provide the gas at natural gas grade. Obviously, the H2O and H2S levels are very low (see Table 7.2).
In addition, the product gas has to be compressed to meet the natural gas grid pressure which is set
to 16 bar.
Investment and operational costs have to be considered for evaluating the biogas upgrading process.
The investment costs are estimated according to Guthrie [149] and the parameters for the cost
model are given in the Appendix 7.6. The utility costs which are accounted for are: (i) cost for
electricity to drive compressors, blowers and pumps, (ii) costs for low pressure steam which is used
in the regeneration of the amine absorption process and (iii) costs for cooling water. In addition,
the feed conditions severly influence the process performance and profitability. The impact of the
feed flow rate and the mole fraction of CH4 are investigated in a sensitivity analysis.
Table 7.3 lists the utility costs and the feed gas conditions for a base case. Furthermore, a range
of these parameters is given which is used in a sensitivity analysis to determine the process perfor-
mance. Since a full evaluation of all parameters including the large number of their combinations
is demanding, each parameter is investigated while the other parameters are kept at their base case
value. A detailed analysis of electricity and steam costs including their combinations is performed
since both parameters have a remarkable impact on the process configuration and the profitablity.
The schematic overview on the process model is depicted in Figure 7.1. In general, four steps have to
be performed in biogas upgrading: (i) compression of the gas, (ii) CO2 removal, (iii) desulfurization
and (iv) gas drying. The different blocks (see Figure 7.1) represent a set of unit operations which
can be selected by the solver. The unit operations are presented in Table 7.1. Each block outlet can
be connected to any other block inlet, so that the sequence of the different unit operations is not
predefined and the process configuration can be determined by the solver. Figure 7.1 also indicates
that different unit operations from one single block can be used at the same time. Hence, it is
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(a) Process flowsheet of the optimal gas permeation process for CO2
removal. Since the membrane system cannot meet the natural gas
grade in terms of H2S and H2O level, a desulfurization and drying
equipment operate downstream of the membrane process.
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(b) Process flowsheet of the optimal upgrading process based on amine
absorption. A rough desulfurization is installed before the amine
absorption process. A fine desulfurization and drying equipment
operate downstream of the absorption column.
Figure 7.2: Optimal process configurations in biogas upgrading including desulfuriuzation and gas
drying.
possible that the solver selects a hybrid process to be the most profitable process configuration.
The process optimization model was implemented in the General Algebraic Modeling System
(GAMS). The Branch And Reduce Optimization Navigator (BARON) solver was applied to solve
the optimization problem. This particular solver guarantees to identify the global optimum and a
model initialization is not required.
7.4 Results and discussion
7.4.1 Base case
For the base case the membrane based upgrading process is the most profitable process configura-
tion. This process including the desulfurization and drying equipment is presented in Figure 7.2(a).
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Table 7.4: Process parameters and equipment sizes for the base case.
Unit Value
CH4 recovery - 0.998
Annual revenue Euro/a 5 979 766
Annual profit Euro/a 5 576 731
Annual operating costs Euro/a 184 692
Annual costs (total) Euro/a 403 035
Membrane area (Stage 1) m2 950
Membrane area (Stage 2) m2 1319
Membrane area (Stage 3) m2 1100
Feed pressure (Stage 3) bar 3.1
Silica mass kg 56
Silica adsorber cross section m2 0.133
Silica adsorber height m 0.732
Silica adsorber pressure bar 16
Carbon mass kg 167
Carbon adsorber cross section m2 0.133
Carbon adsorber height m 3.132
Carbon adsorber pressure bar 16
Compression demand kW 203
Specific upgrading costs Euro/m3(STP) 0.08
In the gas permeation process three membrane stages are combined to obtain high CH4 purities
together with high CH4 recoveries. Firstly, the raw gas is compressed to provide the driving force for
permeation and the elevated pressure for natural gas grid injection at the same time. Although the
membrane is even more permeable for H2O and H2S two additional units for fine desulfurization and
gas drying are required. Due to their low mole fractions in the raw gas and, as a consequence, their
low driving forces, the gas permeation process is not able to achieve the demanding levels of H2O
and H2S for grid injection. However, a significant amount of H2O is removed by the compressor due
to interstage cooling. The bulk of H2S is removed with the permeate of the gas permeation process.
Table 7.4 presents the process characteristics for the base case process including the size of the
adsorber vessels and the required membrane areas in the different stages. A high CH4 recovery of
99.8 % is achieved with this process. Assuming a membrane module size of 25 m2 the membrane
area translates to the application of 135 membrane modules. Small adsorption vessels for H2S and
H2O removal are required.
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Figure 7.3: The flowsheet depicts the mole fractions of CH4, CO2, H2O and H2S for the base case.
Table 7.5: Depletion rate of H2O and H2S in the different unit operations for the base case process.
Depletion H2O H2S
Compressor 0.937 -
Membrane 0.022 0.929
Carbon adsorption - 0.071
Silica adsorption 0.075 -
The flowsheet illustrated in Figure 7.3 gives a review on the mole fractions of all components for the
inlet and outlet of each unit operation. While the membrane process is mainly dedicated to remove
CO2, significant quantities of H2S are removed along with CO2. The activated carbon and the silica
adsorber are used to remove H2S and H2O, respectively, so that natural gas standard is obtained.
Table 7.5 shows the depletion rate of both trace components, H2S and H2O. The compressor which
increases the pressure from 1 bar to 16 bar is equipped with a heat exchanger at the outlet which
operates at a temperature of 25 ◦C. Hence, more than 90 % of the water condenses at the outlet
of the compression unit which leads to a low water content of the gas entering the gas permeation
process. As a consequence, the driving force for water permeation is also low and only 2 % of the
total amount of water are removed by gas permeation membranes. The activated carbon adsorption
does not contribute to the drying of the product gas. In constrast, since the chemical adsorption
of H2S is accompanied by the production of H2O, it is added to the product gas stream. Hence, a
final drying is required which is done by silica adsorption. 8 % of H2O from the feed are removed.
H2S is mainly removed by the gas permeation process (93 %). However, the required H2S level for
grid injection is not met and a final desulfurization is performed by the activated carbon adsorption.
This adsorption removes approximately 7 % of the H2S present in the raw biogas.
Figure 7.4 depicts the investment costs for the different unit operations at base case conditions.
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Figure 7.4: Investment costs for the different unit operations for the base case scenario.
The compressor is the most expensive unit operation which accounts for 68 % of the total invest-
ment costs. The membrane modules contribute with 27 % to the total investment costs while the
contributions of the activated carbon adsorption (4 %) and silica adsorption (1 %) are insignificant.
In the following, the influence of operational parameters on the process configuration and the prof-
itability are presented. Here, only one single parameter is changed while the other parameters are
kept at their base case conditions.
Figure 7.5 shows the annual profit for the optimal process configuration as a function of electricity
costs. For electricity costs less than 0.13 Euro/kWh the membrane process illustrated in Figure 7.2(a)
is the best process configuration. In case that the electricity costs are higher, the amine process
generates higher profits than the membrane process. The intersection of both trendlines indicates
the conditions where a change in the optimal process configuration is observed.
In Figure 7.6 the annual upgrading costs are depicted as a function of electricity costs. In contrast
to Figure 7.5 the change in the most profitable process configuration is observed at electricity costs
of 0.14 Euro/kWh. While the costs include the investment and the operational costs, the annual
profit (see Figure 7.5) includes the product gas flow rate which is higher for the amine process due
to a high CH4 recovery.
Figure 7.7 depicts the annual profit and the annual upgrading costs as a function of the feed flow
rate. Both, the annual profit and the upgrading costs increase with increasing feed flow rate. The
increase in annual profit is due to the increased gas sales. The increase in the upgrading costs is
caused by the larger process equipment and the increased cost for utilities. In particular, the costs
to drive the compressors increase with increasing feed flow rate. However, the feed flow rate does
not have an impact on the process configuration for the boundary conditions considered here. The
membrane process is the most profitable process configuration for all considered feed flow rates.
In Figure 7.8 the annual profit and the annual upgrading costs are presented as a function of the feed
136
7.4 Results and discussion
0.00 0.05 0.10 0.15 0.20 0.25 0.30 0.35 0.40
5250
5320
5390
5460
5530
5600
5670
 
A
nn
ua
l p
ro
fit
 [k
E
ur
o/
a]
Electricity costs [Euro/kWh]
Membrane
Amine
Figure 7.5: Annual profit as a function of electricity costs. For electricity costs lower than 0.13
Euro/kWh the membrane process is the most profitable configuration.
0.00 0.05 0.10 0.15 0.20 0.25 0.30 0.35 0.40
300
400
500
600
700
A
nn
ua
l c
os
ts
 [k
E
ur
o/
a]
Electricity costs [Euro/kWh]
Membrane
Amine
Figure 7.6: Annual costs as a function of electricity costs. For electricity costs lower than 0.14
Euro/kWh the membrane process is the most profitable configuration.
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Figure 7.7: Annual profit and annual upgrading costs as a function of feed flow rate.
mole fraction of CH4. The annual upgrading costs decrease with increasing CH4 feed mole fraction
since less CO2 has to be removed from the bulk of CH4. Both, investment costs and operational
costs decrease. The annual profit increases due to two phenomena. First, the product gas flow rate
increases with increasing CH4 content in the raw gas. This directly translates to increased gas sales.
Second, the annual upgrading costs decrease which further increases the annual profit. Here, the
membrane process including the adsorption on activated carbon and the final drying with silica gel
is also the most profitable process configuration for the entire range of CH4 feed mole fractions.
Figure 7.9 presents the annual profit for the optimized process configuration as a function of the
membrane costs. For the base case the membrane costs are 55 Euro/m2 and the membrane process
is the most profitable process configuration. Increasing the membrane costs up to 80 Euro/m2 results
in a reduced annual profit as a consequence of increased investment and operational costs. Mem-
brane replacement costs are taken into account for operational costs. However, further increasing
the membrane costs results in a change in the optimal process configuration. For membrane costs
of more than 80 Euro/m2 the amine absorption process is most profitable. Reducing the membrane
costs below 55 Euro/m2 would linearly increase the annual profit.
In Figure 7.10 the impact of CO2/CH4 membrane selectivity on the annual profit is illustrated. For
selectivities less than 40 the amine process should be applied. For low membrane selectivities the
annual profit drops considerably caused by a drastic increase in the recycle flow rate to achieve high
CH4 recoveries. For the base case (αCO2/CH4 = 60) the CH4 recovery is at 99.8 % and a low recycle
flow rate is required. Hence, further increasing the membrane selectivity does not reduce the recycle
flow rate significantly which only translates to a low increase in profitability.
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Figure 7.8: Annual profit and annual upgrading costs as a function of CH4 feed mole fraction.
50 60 70 80 90
5540
5550
5560
5570
5580
5590
A
nn
ua
l p
ro
fit
 [k
E
ur
o/
a]
Membrane price [Euro/m2]
Amine
Figure 7.9: Annual profit as a function of membrane price.
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Figure 7.10: Annual profit as a function of membrane CO2/CH4 selectivity.
7.4.2 Amine process
When using the amine process the raw gas enters a redox unit (see Section 7.6) first for rough
desulfurization. Subsequently, the gas is injected into the amine absorption column where mainly
CO2 is removed. Since the amine absorption and the redox unit operate at ambient pressure the
upgraded gas is fed to a compressor which provides the driving force for the fine desulfurization and
the final drying as well as the natural gas injection pressure at the same time. After compression
the gas enters an adsorber filled with activated carbon to remove traces of H2S. Finally, the gas is
fed to a silica adsorption unit which removes H2O and the gas is fed to the natural gas grid.
Table 7.6 gives an example of the size of the equipment involved in the amine absorption process
which is also equipped with a rough desulfurization using iron chelates (redox) and a fine desulfur-
ization with activated carbon as well as a final product gas drying with silica adsorption. The annual
revenue is similar for both processes, the membrane and the amine process, due to their high CH4
recovery. The economic parameters cannot be compared as the data for the membrane process are
obtained with electrical energy costs of 0.08 Euro/kWh while the amine process presents data for a
scenario in which the electricity costs are set to 0.16 Euro/kWh. However, the amine requires less
electrical energy. Since the CO2 removal in the amine process is performed at ambient pressure and
the gas compression is downstream of the absorption process, only the purified CH4 rich product gas
has to be compressed. However, the desorption process requires a heat duty of 337 kW. The size of
the activated carbon adsorber is reduced due to the rough desulfurization which is performed prior
to the amine absorption process. Consequently, less H2O is generated in the fine desulfurization
step which results in a reduced size of the silica adsorption vessel.
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Table 7.6: Process parameters and equipment sizes for an example amine process (elect. 16 ct /
kWh).
Unit Value
CH4 recovery - 1
Annual revenue Euro/a 5 994 240
Annual profit Euro/a 5 473 937
Annual operating costs Euro/a 318 183
Annual costs (total) Euro/a 520 303
Amine absorber cross section m2 0.099
Amine absorber height m 8.1
Amine desorber cross section m2 0.217
Amine desorber height m 6.0
Amine reboiler duty kW 337
Redox H2S removal kmol/h 0.848
Silica mass kg 38
Silica adsorber cross section m2 0.133
Silica adsorber height m 0.493
Silica adsorber pressure bar 16
Carbon mass kg 76
Carbon adsorber cross section m2 0.133
Carbon adsorber height m 1.43
Carbon adsorber pressure bar 16
Compression demand kW 104
Specific upgrading costs Euro/m3(STP) 0.104
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Figure 7.11: Schematic illustration of the region in which the gas permeation and the amine process
should be applied to upgrade biogas.
7.4.3 Combined simulation
Figure 7.11 schematically illustrates the effect of electricity and steam costs on the choice of CO2
removal technology for biogas upgrading. For a set of electricity and steam costs the diagramm
facilitates the selection of an optimal upgrading process. The line indicates the boundary where a
transition from the membrane process to the amine process is observerd. The application of the
amine process is favorable when steam prices are low while the membrane process should be applied
in case that electrical energy is inexpensive.
7.4.4 Remarks
The costs for process water do not have an impact on the process performance. Even in the case
where the water is free of charge the pressurized water scrubbing process is never identified to be
the best equipment for CO2 removal. Hence, a sensitivity analysis for water costs is not presented
here. Although it is possible that the solver selects different unit operations for H2S and H2O
removal, activated carbon and silica adsorption are always determined to be the most profitable unit
operations.
7.5 Conclusion
A process optimization model is presented which rapidly evaluates the most profitable process con-
figuration for a biogas upgrading process. The model extracts the most promising design alternative
from the vast number of possible process configurations by determining (i) the process layout, (ii)
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the type of equipment which should be applied in the separation, (iii) the size of the involved equip-
ment and (iv) the process conditions. The gas separation of CO2 is investigated together with
desulfurization and gas drying to supply a biogas with natural gas grade ready for grid injection.
For CO2 removal gas permeation membranes, amine absorption and pressurized water scrubbing are
possible candidates. Desulfurization can be achieved by adsorption on activated carbon or using a
redox reaction based on iron chelates. Gas drying can be done by condensation, adsorption on silica
gel or absorption in glycols. Short cut models for all these unit operations have been implemented
in a superstructure optimization model.
A techno-economic evaluation is performed which includes the calculation of investment and oper-
ational costs. For a base case scenario a process involving a three stage gas permeation process for
CO2 removal, an activated carbon adsorption for desulfurization and a silica adsorption for gas dry-
ing is the most profitable process configuration. Key parameters such as electricity costs, CO2/CH4
membrane selectivity and membrane costs have a remarkable impact on the process configuration
and profitability. For high electricity costs the optimal process design is a process which first re-
moves the bulk of H2S in a redox reaction with iron chelates. The H2S lean gas is fed to an amine
absorption column and a final desulfurization is performed using activated carbon. A final gas drying
is done with adsorption on silica gel.
In order to verify the results from the superstructure optimization, a detailed process analysis is
mandatory. The software tool at hand facilitates the selection of the most profitable process config-
uration for biogas upgrading. The toolbox could be extended with unit operation such as pressure
swing adsorption to apply the model to other separation processes.
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7.6 Appendix
The model equations presented here have been developed within the frame of the diploma thesis of
Ludger Wolff [179].
7.6.1 Absorption processes
Short cut models for different absorption processes to remove CO2 and H2O have been implemented.
Pressurized water scrubbing and amine scrubbing for the separation of CO2 as well as drying by
dehydrating liquids such as triethyleneglycol are considered. Typically, the absorption process consists
of an absorption column in which the washing liquid flows in countercurrent mode to the raw gas. The
column may be designed as spray, tray or packed column [180]. A desorber or stripper regenerates
and recycles the washing liquid. Desorption can be accomplished by heating the loaded solvent,
by reducing the pressure and by stripping the solvent with an inert gas. Two different models
are commonly applied to predict mass transfer in absorption processes: kinetic and equilibrium
models [180]. In this work the two film model (kinetic approach) is used and column dimensioning
is done with the HTU (height of transfer unit) - NTU (number of transfer units) model.
Kinetic model: Two Film Theory
In the two film model the boundary layers at the gas liquid interface determine the mass transfer
resistance while the bulk phases are ideally mixed. Assuming equilibrium at the gas liquid interface,
the mass transfer is:
n˙ = AiβG (CG − CGi) = AiβL (CLi − CL) (7.1)
Here, Ai is the interface area and βG and βL are the mass transfer coefficients of the gas side and
the liquid side, respectively. When introducing the distribution coefficient mC:
mC =
CG
CL
, (7.2)
the liquid phase concentration is converted into a hypothetical gas phase concentration C∗G to erase
the discontinuity in the concentration profile. Thus, the unknown concentrations at the interface
can be determined and the molar flow through the interface can be described with respect to the
gas phase only:
n˙ = AiKG (CG − C∗G) = AiKG (CG −mCCL) (7.3)
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KG is the overall mass transfer coefficient which is related to the individual gas phase and liquid
phase mass transfer coefficients βG and βL through
1
KG
=
1
βG
+
mC
βL
. (7.4)
Sherwood correlations are used to calculate the mass transfer coefficients [180–183]:
Sh = Sh(ReG, ReL, ScG , geometry). (7.5)
Commonly volumetric overall mass transfer coefficients KGa or KLa are used accounting for the
specific surface a:
a =
Ai
VPack
(7.6)
where VPack is packing volume. This translates to:
n˙ = V (KGa) (CG −mCCL) . (7.7)
Henry’s law can describe the gas liquid equilibrium
p∗j = Hjxj (7.8)
which relates the partial pressure of the component j in the gas phase p∗j to the mole fraction xj
of this component in the liquid phase through the Henry constant Hj . In general, Henry’s law is
valid only for diluted solutions. Applying activity coefficients would account for non-idealities in the
liquid. Hi strongly depends on temperature and solubility decreases with increasing temperature.
For modeling chemical absorption, it is common practice to apply the equations derived for physical
absorption (see Equation 7.3, 7.4) and consider corrected mass transfer coefficients considering the
chemical reaction [184].
Dimensioning absorption columns
Dimensioning both, the absorption and desorption column, the column diameters and heights are
calculated and an appropriate type of column internal is chosen [180, 184].
The column diameter D is specified by the pressure drop as a result of the column internal design
and the gas and liquid flow rates because the column should neither be flooded nor starting to foam.
Typical pressure drops are in the range of 0.2 to 0.33 kPa
m
for non-foaming and 0.08 to 0.2 kPa
m
for
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Figure 7.12: Absorption characteristic adapted from [184].
foaming systems [184]. Defining the pressure drop, the mass balances have to be solved and the
type of column internals has to be chosen to firstly specify geometric factors. The superficial gas
velocities v¯G are determined by the diagram presented in Figure 7.12. The abscissa, the so-called
flow parameter
X =
L
G
√(
ρG
ρL
)
(7.9)
is the square root of the ratio of liquid kinetic energy to gas kinetic energy [184]. L and G are
the liquid and gas mass flow rates and ρL and ρG are the densities of the liquid and gas phase,
respectively. The diagrams ordinate
Y = CsF
0.5ν0.05 (7.10)
relates the capacity factor Cs , the packing factor F (an empirical factor) and the kinematic viscosity
ν (in cp). The resulting superficial gas velocity v¯G is calculated by obtaining the capacity factor
from the diagramm and using:
Cs = v¯G
√
ρG
ρL − ρG (7.11)
Consequently the column diameter is determined by:
D =
√
4V˙
piv¯
(7.12)
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The column height results from the packing height HPack where an additional height of 15 % for
liquid distributors and the liquid drainage is added. The packing height is determined by the required
packing volume and the column’s cross sectional area:
H = 1.15HPack = 1.15
4VPack
piD2
(7.13)
The mass transfer model determines the packing volume VPack . According to Strigle [184], the
packing volume based on the HTU-NTU concept can be calculated through:
VPack = max
i
(
n˙i
KG,ia ∆pLM,i
)
(7.14)
Here, n˙i is the transferred molar flow rate, KG,i is the mass transfer coefficient, a is the specific
wetted area and ∆pLM,i is the logarithmic mean of the driving pressure difference of component
i . Using partial pressures instead of concentrations in Equation 7.7, integrating along the column
height and assuming a logarithmic concentration profile along the column results in Equation 7.14.
The logarithmic mean (LM) of the driving pressure differences is calculated by:
∆pLM,i =
∆pi ,bottom − ∆pi ,top
ln
(
∆pi ,bottom
∆pi ,top
) (7.15)
where ∆pi ,bottom and ∆pi ,top are the differences between the component i ’s gas phase pressure and
its pressure in equilibrium at the bottom and top of the column.
Alternatively to this approach, the column height can directly be calculated by the HTU-NTU-model:
HPack =
4G
piD2KGapsystem︸ ︷︷ ︸
HTU
∫ yout
yin
dy
y − y ∗︸ ︷︷ ︸
NTU
(7.16)
G is the molar raw gas flow rate, D the column diameter and psystem the system pressure. yin
and yout are the mole fractions in the gas phase at the column inlet and outlet, respectively [180].
Assuming a linear relationship for the equilibrium, Kremser’s equation applies for estimating the
number of transfer units:
NTU = ln
[
yin − y ∗out
yin − y ∗out
(
1− 1
A
)
+
1
A
]
1
ln(A)
(7.17)
Here, A is the absorption factor which consideres the equilibrium constant K = y
x
:
A =
L
GK
(7.18)
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The same set of equations can be derived for gas stripping processes, where the liquid is depleated
along the column. Hence, the number of required transfer units is determined by
NTU = ln
[
xout − x∗in
xin − x∗in
(
1− 1
S
)
+
1
S
]
1
ln(S)
(7.19)
using the stripping factor S which is defined through:
S =
GK
L
=
1
A
(7.20)
7.6.2 Pressurized water scrubbing
In pressurized water scrubbing CO2 and H2S are physically absorbed in water while hydrophobic,
nonpolar hydrocarbons such as CH4 do not absorb. The water absorption column is equipped
with random dumped packings and operates at pressures of 5 to 12 bar and temperatures of 3 to
30 ◦C [53]. The elevated pressure and the low temperature allow for an adequate loading capacity
of the washing water.
In a desorption column the rich solvent is stripped with air at ambient pressure. To overcome the
column pressure drop, the air is pressurized to 150 mbarg before entering the column. In order to
recycle and reuse the water in the absorption process, the lean water is cooled and re-pressurized.
The short cut model for the pressurized water scrubbing process includes the calculation of the
absorber, the stripper, the pump and the cooler dimensions. The costs to drive the stripping gas
blower can be neglected as they are low compared to the costs for other equipment.
Absorption column
Equations 7.12 and 7.14 are applied to size the absorption column. The maximum loading of the rich
solvent at the bottom outlet of the absorption column was chosen in the way that the equilibrium
pressure of CO2 is 80 % of the partial pressure of CO2 in the entering gas stream [184]:
p∗CO2 = 0.8p
gas in
CO2
(7.21)
The lean liquid was defined to be loaded as much that the equilibrium pressure of CO2 is 50 % of
the partial pressure of CO2 in the leaving gas stream [184]:
p∗CO2 = 0.5p
gas out
CO2
(7.22)
The required washing water flow rate is obtained from the overall mass balance. Ceramic Raschig
Rings (70 mm) were used in random dump packings due to their high packing factor (F = 37) as
148
7.6 Appendix
well as their resistance against sulfur bearing acids. Assuming a pressure drop of 0.33 kPa
m
results in a
superficial gas velocity of vG = 0.05
m
sec
(see Figure 7.12) . However, this considerably low superficial
gas velocity is determined by the high liquid flow rate as a consequence of the low solubility of CO2
in water. Onda [180] reported on correlations to determine the specific wetted area and the required
mass transfer coefficients. Since the mass transfer is controlled by the liquid phase boundary layer
resistance [184], only the liquid mass transfer coefficients have to be taken into account:
aw = at
[
1− exp
{
−1.45
(
σC
σ
)0.75
Re0.1F r−0.05We0.2
}]
(7.23)
kL = 0.0051
(
ηLg
ρL
) 1
3
(
L˙
′′
awηL
) 2
3 ( ηL
ρLDL
)− 1
2
(atdp)
0.4 (7.24)
Re =
L˙
′′
atηL
(7.25)
F r =
L˙
′′2at
ρL2g
(7.26)
We =
L˙
′′2
ρLσat
(7.27)
Table 7.7 lists process conditions and parameters for the pressurized water scrubbing process. The
costs for a vertical column and the column internal contribute to the investment costs of the absorber.
Assuming that the vessel is cladded with stainless steel and that it operates at pressures of up to
13 bar the material and pressure factor is MPF = FmFp = 2.25 · 1.15 = 2.6. Hence, the base
costs are [110]:
BCvessel = 1k$
(
H
4ft
)0.81 (
D
3ft
)1.05
(7.28)
The updated bare module costs (UBMC) which are the investment costs result from:
UBMC = UF · BCvessel · (MPF +MF − 1) + VPackBCPack
= 4.91 · BC · (2.6 + 4.23− 1) + VPackBCPack (7.29)
Stripper
The stripper operates at a pressure of 1 bar to faciliate the desorption process. The short cut model
is based on the HTU-NTU model. The required stripping gas flow rate is assumed to be 1.5 times
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Table 7.7: Model parameters for the absorber of the pressurized water scrubbing model.
Parameter Unit Value Reference
Absorption Conditions pressure [bar] 9
temperature [◦C] 25
Column Internals random packing Raschig rings, ceramic, 70mm
packing factor F [-] 37 [184]
specific surface area [m2/m3] 60
specific wetted area [m2/m3] 57.5 calculated
pressure drop [kPa/m] 0.33 [184]
superficial gas velocity [m/sec] 0.05 calculated
Henry Coefficients H(CH4) [bar] 39200 [182]
H(CO2) [bar] 1635 [182]
H(H2S) [bar] 543 [182]
Diffusion Coefficients DL(CH4) [m
2/sec] 1.88 · 10−9 [182]
DL(CO2) [m
2/sec] 1.91 · 10−9 [182]
DL(H2S) [m
2/sec] 1.61 · 10−9 [182]
Mass Transfer kL(CH4) [mol/(m
2 sec bar)] 1.48 · 10−3 calculated
Coefficients kL(CO2) [mol/(m
2 sec bar)] 35.88 · 10−3 calculated
kL(H2S) [mol/(m
2 sec bar)] 99.24 · 10−3 calculated
Cost Calculation MPF [-] 2.6 [110]
the minimal stripping gas flow rate which results from the inlet and outlet concentrations and the
equilibrium data. The superficial gas velocity, the mass transfer coefficients and the material and
pressure factor are assumed to be equal to those of the absorber (see Table 7.7). The costs of the
desorption column are determined in the same way as for the absorber.
Pump
The recirculation pump has to pressurize the lean solvent to the operating pressure of the absorption
column. The required energy demand P is obtained by:
P = V˙washing liquid ∆p
1
ηP
(7.30)
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with ηP = 0.9 as pump efficiency. The energy demand determines the size of the pump and as a
consequence its investment as well as its operational costs. The base costs are obtained through [110]
BC = 0.39k$
(
P
10gpm · psi
)0.17
. (7.31)
Assuming that the pump material is stainless steel and that it operates at a maximum pressure of
11 bar, a material and pressure factor of MPF = Fm ·Fo = 1.93 ·1.5 = 2.9 was used. The UMBC
are given by [110]
UBMC = UF · BC · (MPF +MF − 1) = 4.91 ·BC · (2.9 + 3.38 − 1) (7.32)
Cooler
The cooler’s temperature change of ∆T = 0.17K was estimated based on data reported by
Falß [185]. The transferred heat is:
Q˙ = m˙washing liquidcp∆T (7.33)
Assuming a heat transfer coefficient of U = 1277 W
m2K
[110] and a logarithmic temperature difference
of ∆Tln = 10K allows for the determination of the heat transfer area:
A =
Q˙
U∆Tln
(7.34)
Hence, the base costs can be estimated [110]:
BC = 0.3k$
(
A
5.5ft2
)0.024
(7.35)
Assuming a fixed tube sheet made of stainless steel results in a material and pressure factor of
MPF = 0.8 · 2.5 = 2 which allows for the calculation of the UBMC:
UBMC = UF · BC · (MPF +MF − 1) = 4.91 ·BC · (2 + 1.83− 1) (7.36)
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7.6.3 Amine scrubbing
Amine absorption can remove CO2 and H2S simultaneously in a chemical absorption process. The
acid gases react reversible with the amines and the gas molecules are bounded stronger compared
to physical absorption, which allows for higher gas loadings in the amine process together with
higher CO2/CH4 selectivities [53]. As a consequence more energy is required to regenerate the rich
solvent [53].
Commonly used amines are monoethanolamine (MEA) and diethanolamine (DEA). In both of these
solutions, a maximum of 1
2
mol of acid gas combines with 1 mol amine [184]. While MEA has the
advantage of a higher loading capacity and to be less expensive in comparison to DEA, it is more
toxic, tends to foam and to be more corrosive than DEA. Due to the higher loading capacity MEA
is used in this study. Typically, an amine concentration of 18 wt-% was used which has inlet and
outlet loadings of 0.12 molCO2
molMEA
and 0.43 molCO2
molMEA
, respectively.
For the amine absorption process commonly structured packings are applied and the absorption
column operates at ambient pressure. The temperature of the amine solution increases from 35 ◦C
at the inlet to approximately 51 ◦C at the solvent outlet, due to the exothermal reaction of the acid
gases with the amine. At the same time the gas temperature increases from 16 ◦C to approximately
35 ◦C [184].
Upstream of the desorption column the loaded solution is preheated to 87-99 ◦C while a reboiler in
the desorption column provides the heat of reaction which is 1907 kJ
kgCO2
to increase the solutions
temperature to 113 to 118 ◦C [184]. To avoid thermal decomposing, the temperature should not
exceed 121 ◦C.
To recover MEA and H2O from the vapor leaving the top of the desorber, these vapor components
are condensed. The temperature of the lean solvent (0.12 molCO2
molMEA
) is decreased and the solvent
is fed to the absorption column. The economic evaluation includes the cost for the absorber, the
desorber with its reboiler and condenser, the heat exchanger and the cooler while the investment
costs for the pump can be neglected.
Absorber
The calculations for the absorber include the following aspects:
1. The specified inlet and outlet concentrations of moles acid gas per mole amine and the knowl-
edge of the acid gas stream which has to be removed allow for the determination of the
required flow rate of washing liquid.
2. The absorber diameter is calculated with a superficial gas velocity of 3 m
sec
[186].
3. The absorber height is determined through the required packing volume and the absorber
diameter. The calculation of the packing volume is based on overall kGa values reported by
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Strigle [184]: The overall kGa results from a ”basic”-kGa of a test system which is corrected with
respect to the absorbent, the absorbate, the absorbate flux L, the absorbent concentration,
the temperature and the pressure. This can be written in the form:
kGa = kGa|base system Cabsorbate CabsorbentCL Cconcentration Ctemperature Cpressure . (7.37)
For MEA absorption, the following relations are applied for the correction factors [184]:
• kGa|base system: For an Intalox R© Structured Packing 3T kGa|CO2NaOH = 2.76 lb−molh·ft3·atm holds.
• Cabsorbate: kGa|CO2MEA = 2kGa|CO2NaOH
• Cabsorbent: kGa|H2SMEA = 2.5kGa|CO2MEA
• CL =
(
L
10 gpm
ft2
)0.3
• Cconcentration = 1.375− 2.5 · C[mol acid gasmolMEA ]
• CCO2temperature = exp{0.013(T − 75◦F)}
• CH2Stemperature = exp{0.013(T − 75 ◦F)}
Assuming a washing liquid flux of 27 gpm
ft2
, inlet and outlet loadings of 0.12 molCO2
molMEA
and
0.43 molCO2molMEA , top and bottom temperatures of Ttop = 35
◦C and Tbottom = 51
◦C and a
pressure of p = 1bar leads to the kGa values presented in Table 7.8.
4. The UBMC were calculated for an absorber vessel cladded with stainless steel (MPF =
FmFp = 2.25 · 1 = 2.25). Hence, the following cost equations were applied:
BCvessel = 1k$
(
H
4ft
)0.81 (
D
3ft
)1.05
(7.38)
UBMC = UF · BCvessel · (MPF +MF − 1) + VPackBCPack
= 4.91 · BCvessel · (2.25 + 4.23− 1) + VPackBCPack (7.39)
Table 7.8 summarizes the parameters for the amine absorber model.
Desorber
The desorber was designed on basis of the following assumptions:
1. The desorber diameter is determined through a washing liquid flux of 73 m
3
hm2
[184].
2. Due to lack of data, the desorber height was assumed to be the same as the absorber height.
3. The desorber costs are calculated analogously to the absorber costs.
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Table 7.8: Model parameters for the absorber of the amine scrubbing model.
Parameter Unit Value Reference
Absorption Conditions pressure [bar] 1 [184]
mean temperature [◦C] 25 assumed
Column Internals structured packing Intalox 3T
superficial gas velocity [m/sec] 3 [186]
Mass Transfer kL(CO2) [kmol/(m
3 h atm)] 143 calculated
Coefficients kL(H2S) [kmol/(m
3 h atm)] 185 calculated
Cost Calculation MPF [-] 2.25 [110]
Reboiler
The reboiler supplies the energy for the reverse reaction of acid gases and MEA. For CO2, this
energy amounts to 1907 kJ
kgCO2
[184] which results in a reboiler duty Q˙Reb of:
Q˙Reb = m˙CO2 · 1907
kJ
kgCO2
(7.40)
The reboiler temperature of 117 ◦C is provided by steam with a temperature of 140 ◦C. Using a heat
transfer coefficient of U = 1420 W
m2K
[110] and a logarithmic temperature difference of ∆Tln = 23 K
the required heat transfer area is:
A =
Q˙Reb
U∆Tln
(7.41)
Hence, the base costs are [110]:
BC = 5k$
(
A
400 ft2
)0.65
(7.42)
Assuming a fixed tube sheet constructed of stainless steel with a material and pressure factor of
MPF = 0.8 · 2.5 = 2 results in UBMC of:
UBMC = UF · BC · (MPF +MF − 1) = 4.91 ·BC · (2 + 1.83− 1) (7.43)
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Condenser
The condenser recovers water vapor and MEA by separating these components from the overhead
vapor. Assuming a composition of yCO2top = 30mol-% and y
water/MEA
top = 70mol-% [184], a superficial
gas velocity of vG = 1
m
sec
[186], a water/MEA vapor density of ρ = 0.59 kg
m3
and an enthalpy of
evaporation of ∆hV = 2257
kJ
kg
[187] enables to calculate the condenser duty:
Q˙Cond =
piD2desorber
4
vGy
water/MEA
top ρ∆hV (7.44)
The heat transfer coefficient is U = 4000 W
m2K
[110] and the cooling water temperature increase
10 ◦C (from 15 ◦C to 25 ◦C). The heat transfer area and the investment costs can be calculated:
A =
Q˙Reb
U∆Tln
(7.45)
BC = 0.3 k$
(
A
5.5 ft2
)0.024
(7.46)
UBMC = UF · BC · (MPF +MF − 1) = 4.91 · BC · (2 + 1.83− 1) (7.47)
Heat exchanger
The heat exchanger recovers energy from the lean solvent and as a consequence this energy can be
saved in the reboiler and the cooler. Determination of the investment costs include:
1. The exchanged heat was determined through:
Q˙ = cpm˙∆T (7.48)
2. With a heat transfer coefficient of U = 1136 Wm2K [110] and a logarithmic temperature differ-
ence of ∆Tln = 14 K the heat transfer area is:
A =
Q˙
U∆Tln
(7.49)
3. The costs are calculated analogously to the reboiler:
BC = 5k$
(
A
400 ft2
)0.65
(7.50)
UBMC = UF · BC · (MPF +MF − 1)
= 4.91 ·BC · (2 + 1.83− 1) (7.51)
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Cooler
The cooler is calculated analogously to the heat exchanger. The inlet and outlet temperatures of
65 ◦C and 35 ◦C result in a transferred heat of 552 kW. The logarithmic temperature difference is
assumed to be 27K.
7.6.4 Glycol scrubbing
The use of triethylenegycol (TEG) is an established technology to dehydrate natural gases. The raw
gas is dehydrated in a counter current absorption column at ambient temperature and a pressure
of 20 to 40 bar [184]. The column is filled with structured metal packings (HTU=1.3 to 2 m,
liquid recirculation rate: 3 tTEG
m2h
) or bubble-cap trays (tray efficiency: 25 %, bubbling area: 1.7 m2
per m
3(STP )
h
entering gas) [184]. The triethylenglycol flow rate is in the range of 25 to 50 LTEG
kgH2O
which was reported by [188] and [184].
The rich solvent stream first enters a flash vessel operating at ambient pressure and the solvent
degasses. After being preheated, the solvent enters the regeneration column at a temperature of
150 ◦C. The water is desorbed at a temperature of 200 ◦C [189]. A condenser is installed at the
head of the column to recover TEG. The lean solvent is cooled down and recycled to the absorber.
The short cut model includes the calculation of the absorber, the desorber with its reboiler, the
heat exchanger and the cooler. The pump and the condenser can be neglected with respect to the
investment costs.
Absorber
The absorber is equipped with a structured packing. Its diameter was calculated using a solvent flux
of 3 tTEG
m2h
. The inlet and outlet loadings of the washing liquids are assumed to be 0.11
kmolH2O
kmolTEG
and
0.3
kmolH2O
kmolTEG
, respectively. This correlates to a TEG flux of 33 LTEG
kgH2O
. The absorber height is calculated
by the number of transfer units according to equation 7.17 and a HTU of 2m. Table 7.9 lists the
absorber parameters.
The UBMC were calculated for an absorber vessel cladded with stainless steel (MPF = FmFp =
2.25 · 1.45 = 3.26) which results in:
BCvessel = 1k$
(
H
4ft
)0.81 (
D
3ft
)1.05
(7.52)
UBMC = UF · BCvessel · (MPF +MF − 1) + VPackBCPack
= 4.91 · BCvessel · (3.26 + 4.23− 1) + VPackBCPack (7.53)
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Table 7.9: Model parameters for the absorber of the glycol scrubbing model.
Parameter Unit Value Reference
Absorption Conditions pressure [bar] 30 [184]
mean temperature [◦C] 65 assumed
loading lean solvent [kmolH2O / kmolTEG] 0.11 assumed
loading rich solvent [kmolH2O / kmolTEG] 0.3 assumed
Column Internals structured packing
HTU [m] 2 [184]
Henry Coefficients H(CH4) [bar] 1845 [190]
H(CO2) [bar] 122 [190]
H(H2S) [bar] 15 [190]
H(H2O) [bar] 0.052 [188]
Cost Calculation MPF [-] 3.26 [110]
Desorber
As in amine scrubbing, the desorber was designed based on the following assumptions:
1. The desorber diameter is determined through a liquid flux of 1.4 m
3
hm2
.
2. The desorber height was assumed to be 2.4m. Equilibrium data show that the required purity
can be obtained in a single stage.
3. The desorber costs are calculated analogously to the absorber costs but a material and pressure
factor of onlyMPF = FmFp = 2.25 ·1 = 2.25 is used due to the low pressure in the desorber.
Reboiler
The reboiler provides the energy for heating the mixture from 150 ◦C to 204 ◦C and for evaporating
the absorbed water:
Q˙Reb = m˙TEGc
TEG
p ∆T + m˙H2O∆H
H2O
V
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The steam temperature is 230 ◦C and as a consequence a logarithmic temperature difference of
∆Tln = 37 K is obtained. The required heat transfer area is
A =
Q˙Reb
U∆Tln
(7.54)
for a heat transfer coefficient of U = 2200 W
m2K
[110]. Hence, the base costs are [110]:
BC = 0.3 k$
(
A
5.5 ft2
)0.024
(7.55)
Assuming a fixed tube sheet made of stainless steel leads to a material and pressure factor of
MPF = 0.8 · 2.5 = 2 which is used for calculating the UBMC:
UBMC = UF · BC · (MPF +MF − 1) = 4.91 ·BC · (2 + 1.83− 1) (7.56)
Heat exchanger
The heat exchanger serves the saving of energy for the reboiler and the cooler and the investment
costs are determined by the following steps:
1. The exchanged heat is:
Q˙ = cTEGp m˙TEG∆T (7.57)
2. With an assumed heat transfer coefficient of U = 1136 W
m2K
[110] and a logarithmic temper-
ature difference of ∆Tln = 54 K the heat transfer area is:
A =
Q˙
U∆Tln
(7.58)
3. The cost are calculated analogously to the reboiler:
BC = 0.3 k$
(
A
5.5 ft2
)0.024
(7.59)
UBMC = UF · BC · (MPF +MF − 1)
= 4.91 ·BC · (2 + 1.83− 1) (7.60)
Cooler
The cooler is again calculated analogously to the heat exchanger. The inlet and outlet temperatures
of 119 ◦C and 65 ◦C result in a transferred heat of 28 kW with a logarithmic temperature difference
of 54K.
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7.6.5 Membrane process
CO2, H2O and H2S permeate through the membrane much faster than CH4 leading to a separation
of those components. Assuming ideal gas behavior, the driving force in gas permeation processes is
the partial pressure difference of the components between retentate and permeate side. The solution
diffusion model is applied to predict mass transfer through the membrane.
n˙′′j = Pj(pF yj,F − pP yj,P ) (7.61)
A three stage gas permeation process, identified to be optimal in Chapter 4, is used here. In the
short cut model, a logarithmic mean concentration on the feed side of the membrane stages and a
free flow of the permeate is determined. The UBMC are calculated dependent on the membrane
area Amem:
UBMC = AmemBCmem (7.62)
BCmem are the specific membrane costs. Table 7.10 lists the most important parameters applied in
the gas permeation model.
Table 7.10: Model parameters for the membrane model.
Parameter Unit Value Reference
Pressure Levels inlet pressure [bar] 16 -
outlet pressure retentate [bar] 16 -
outlet pressure permeate [bar] 1 -
Permeances P (CH4) [GPU] 1 -
P (CO2) [GPU] 60 -
P (H2S) [GPU] 60 -
P (H2O) [GPU] 300 -
Cost Calculation BC [Euro/m2] 55 -
membrane lifetime years 4 -
7.6.6 Adsorption processes
A short cut method following Bathen [191] is applied to size the adsorption equipment. This
method works with a rough estimation of the adsorbent’s loading and the superficial gas velocity.
The calculation consists of the following steps:
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1. The adsorbent’s loading X is estimated from isotherm data.
2. A superficial gas velocity vG,Ads is specified. Typical velocities are in the range of 0.1 to
0.5 m
sec
.
3. The cross sectional area A can be calculated through
A =
V˙
vG,Ads
(7.63)
with V˙ as the volume flow rate of the entering gas stream.
4. The adsorption time tads has to be specified. For continous operation, multiple adsorbers are
installed in parallel.
5. The required adsorbent mass Mads is calculated through:
Madsorbent =
m˙adsorbatetads
X
(7.64)
Here, m˙adsorbate is the mass flux of adsorbate which has to be adsorbed.
6. The adsorber height H results from
H =
Madsorbent
Aρapp
, (7.65)
with ρapp as apparent density of the adsorbent.
For adsorption processes in which the bed can be regenerated, hot gas is applied to the packed bed
to desorb the gas molecules from the solid surface. In order to determine the amount of hot inert
gas for regeneration as well as the regeneration period, Bathen [191] proposes the following method:
1. Define the desorption temperature TDes . Typical temperatures are in the range of 120 to
200 ◦C.
2. Estimate the energy demand E for the desorption. Here, the desorption energy and the heating
of the packed bed are considered:
EDes = Madsorbent [X∆hAds + cp,ads (TDes − T0)] (7.66)
cp,ads is the specific heat capacity of the adsorbent, T0 is the temperature at which the
adsorption takes place and ∆hads is the specific adsorption enthalpy. If no data for the
adsorption enthalpy is available, it can be estimated with the help of the specific enthalpy of
evaporation of the adsorbate, ∆hV :
∆hAds ≈ 1.5∆hV . (7.67)
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3. Calculate the required mass of hot gas purge Minert :
Minert =
EDes
cp,inert(TDes − (T0 + 10K)) (7.68)
with cp,inert as specific heat capacity of the hot gas. Here, a minimum temperature difference
of 10K was considered.
4. Specify a superficial gas velocity vG,Des which is typically in the range of 0.3 to 1
m
sec
.
5. Determine the desorption time tDes through
tDes =
Minert
ρinertvG,DesA
(7.69)
with ρinert as the density of the hot gas.
6. Calculate the time required for cooling the adsorber to its operating temperature, tcool which
is done with a cold inert gas.
Continous operation is realized by using multiple adsorption vessels in parallel. The number NAbs of
absorber vessels is:
NAbs =
tDes + tcool
tAds
+ 1 (7.70)
Bathen [191], Goedecke [180] and Perry [182] provide detailed analyses of adsorption processes.
7.6.7 Drying with silica gel
Silica gel (SiO2) is widely applied to dry humid gases. However, it is important to note that not
only H2O is adsorbed but also H2S. Here, silica pellets with a diameter of 2 to 8 mm [191] in a
packed bed are applied. Two adsorbers are installed in parallel to facilitate continious operation.
The adsorption operates at a pressure of 8 bar and ambient temperature [53]. A maximum load
of X = 0.35 kgadsorbate
kgSiO2
was chosen. The superficial gas velocity vG,Ads was estimated through the
F-Factor:
FAds = vG,Ads
√
ρG ≈ 0.2...0.4
√
Pa (7.71)
The desorption operates at a pressure of 1 bar and a purge gas temperature of 150 ◦C. The specific
adsorption enthalpy was estimated through the specific enthalpy of evaporation (see Equation 7.67)
and air is used as purge gas.
The investment costs for the two vessels are estimated with Guthrie’s method [110]:
BCVessels = 2 · 1 k$
(
H
4 ft
)0.81 (
D
3 ft
)1.05
(7.72)
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The vessels are cladded with stainless steel and have to withstand pressures of up to 13 bar. Hence,
the material and pressure factor is MPF = FmFp = 2.25 · 1.15 = 2.6. The UBMC result from the
costs for the vessels and the packed bed:
UBMC = UF · BCV essels · (MPF +MF − 1) +MPacking · BCPacking
= 4.91 · BC · (2.6 + 4.23− 1) +MPacking · 2
Euro
kg
(7.73)
Table 7.11 lists the parameters for both adsorption and desorption.
Table 7.11: Model parameters for the silica adsorption.
Parameter Unit Value Reference
Adsorption Conditions pressure [bar] 8 [53]
temperature [◦C] 25 [53]
F-Factor [-] 0.3 [191]
Xmax [kgadsorbat/kgSiO2] 0.35
Desorption Conditions pressure [bar] 1 [53]
temperature [◦C] 150 [191]
vG,Des [m/sec] 1 [191]
∆hAds,H2S [kJ/kg] 637 estimated
∆hAds,H2O [kJ/kg] 3668 estimated
Packing packed bed pellets [53]
apparent density [kg/m3] 425 [191]
specific heat capacity [kJ/(kg K)] 0.96 [191]
Cost Calculation pellet price [Euro/kg] 2 [191]
MPF [-] 2.6 [110]
7.6.8 Desulfurization with iron chelates
Rough desulfurization can be accomplished with iron chelates. Aqueous solution of Fe3+-ions in a
bubble column reactor react with H2S:
2Fe3+(aq) + H2S −→ 2Fe2+(aq) + S + 2H+ (7.74)
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Table 7.12: Model parameters for the adsorption on activated carbon.
Parameter Unit Value Reference
Adsorption Conditions pressure [bar] 16
temperature [◦C] 25 [193]
F-Factor [-] 0.3 [191]
Xmax [kgH2S/kgAdsorbent ] 0.25
Packing packed bed pellets [191]
apparent density [kg/m3] 400 [191]
Cost Calculation pellet costs BCPacking [Euro/kg] 2.5 [191]
MPF [-] 2.6 [110]
tads [hours] 24
The generated elemental sulfur is separated through decantation or sedimentation. The Fe2+ is
regenerated by oxidation in a subsequent reactor [192]:
4Fe2+(aq) + O2 + 4H
+ −→ 4Fe3+(aq) + 2H2O. (7.75)
The desulfurization with iron chelates is also known commercially as LO-CAT process. Sulfur de-
pletion rates of more than 99.9 % are obtained for gases containing 0.1-3mol-% H2S [192]. Due
to limited data reported on this particular process, a short cut model which takes the feed flow rate
into account determines investment and operational costs:
UBMC =
160 k$
500
m3
N
h
· V˙ f eed (7.76)
AOC =
24 k$
500
m3
N
h
· V˙ f eed (7.77)
The investment reference costs were taken from [193] whereas the reference costs for the AOC were
adjusted since the amount of H2S to be removed in the reference plant is only a third of the amount
to be removed in the process considered here. Hence, a factor of three is taken into account. Details
about the removal of H2S with chelated iron are reported in [192], [193] and [185].
7.6.9 Desulfurization with activated carbon
H2S can be removed through an adsorption on activated carbon which is additionally impregnated
with KMnO4. This adsorption is based on an irreversible chemical reaction of H2S with the impreg-
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Table 7.13: Model parameters for the compressor model.
Parameter Unit Value Reference
Compressor pressure [bar] 0.8-16
κ [-] 1.3 [187]
ηisent [-] 0.72 [111]
MPF [-] 1 [110]
MF [-] 5.11 [150]
Cooler ccooling waterp [
kJ
kgK
] 4.18 [187]
∆Tcooling water [
◦C] 25-15=10
MPF [-] 1 [110]
MF [-] 5.11 [150]
nating compound [193]:
5H2S + 8KMnO4 −→ MnSO4 + 4K2SO4 + 7MnO + 5H2O. (7.78)
This reaction runs at temperatures of 20 to 100 ◦C [193]. The achievable purity is 5 mg
m3
[193] and
the maximum loading is assumed to be in the range of 0.25
kgH2S
kgAdsorbent
. As no regeneration is possible,
the expensive adsorbent has to be exchanged regularly. Hence, this process is worthwhile only for
fine desulfurization. The UBMC are calculated analogously to the adsorption on silica gel. Again,
two adsorbers have to be installed in parallel to enable a continuous operation. The annual operating
costs are estimated through the costs evolving from the exchange of the adsorbent:
AOC = MAdsorbentBCCarbon
ta
tads
. (7.79)
Table 7.12 summarizes the used parameters for the adsorption on activated carbon.
7.6.10 Compressor
The compressor is calculated as a single stage compressor with after-cooling using a separate heat
exchanger. The compressor power PComp is:
PComp = m˙cp(Tout − Tin) (7.80)
The outlet temperature Tout is determined by the isentropic outlet temperature Tout,isent and the
isentropic efficiency ηisent (= 0.72):
Tout = Tin +
(Tout,isent − Tin)
ηisent
(7.81)
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The isentropic outlet temperature is calculated by
Tout,isent = Tin
(
pout
pin
) κ−1
κ
(7.82)
where the isentropic coefficient κ is 1.3. The compressor base costs are determined through [110]:
BC = 23 k$
(
PComp
745.7W
)0.77
(7.83)
With a material and pressure factor of MPF = 1.00 for a centrifugal compressor [110], a module
factor of MF = 5.11 [150] and an update factor of UF = 4.91 the UBMC are calculated through:
UBMC = UF · BC · (MPF +MF − 1) (7.84)
The heat exchanger costs are calculated for heat exchangers made of stainless steel with fixed tube
sheets and a maximum pressure of p = 21 bar. This results in a material and pressure factor of
MPF = Fm(Fp+Fd) = 1.54 ·(0.1+0.8) = 1.4. The required shell and tube area is determined for
cooling with water and a temperature increase from 15 ◦C to 25 ◦C. Table 7.13 lists the parameters
used for the compressor short cut model.
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8.1 Summary biogas upgrading
In this thesis membrane based biogas upgrading processes are analyzed and optimized. In Germany,
most biogas plants operate on-farm in the agricultural production. Hence, the raw gas flow rates
are low compared to large scale gas separations in natural gas treatment for example. Commercial
polymeric gas permeation membranes are applied for separating CO2 and CH4.
In order to develop and optimize a gas permeation process a rigorous gas permeation model was
implemented in Aspen Custom Modeler. This model is able to calculate multicomponent mixtures
in counter current flow. Non-ideal effect such as concentration polarization, pressure losses, temper-
ature changes and real gas behavior are taken into account. The permeance of glassy polymers can
remarkably be affected by high partial pressures of CO2. Phenomena such as competive sorption
and plasticiztaion can have a tremendous effect on the separation performance on gas permeation
modules. The ACM model was exported to Aspen Plus and Aspen Plus Dynamics to perform steady
state as well as dynamic process simulations.
For structural process optimization a short cut model was implemented in GAMS. A three stage
gas permeation process, using only a single compressor and commercial membranes, is the most
profitable process configuration for biogas upgrading. This particular process design provides the
upgraded biogas at the natural gas grid pressure. Hence, the driving force for upgrading and the
required pressure for grid injection are provided at the same time. In addition, the membrane mate-
rial is optimized taking Robeson’s upper bound correlation into account. Two different cases were
investigated. First, a single material is determined for all stages. An optimal CO2/CH4 selectivity
of 123 with a CO2 permeance of 555 GPU is the most profitable material property. Second, the
optimal material properties are determined for each gas permeation stage individually. Here, a two
stage process with a high selective membrane in the first stage (αCO2/CH4=147; CO2 = 349 GPU) is
combined with a highly permeable stage (αCO2/CH4=98; CO2 = 1024 GPU). Since the CH4 recovery
is already high for the process using commercial membranes the impact of optimal membrane ma-
terials on the profit is low. Membranes with CO2/CH4 selectivities of more than 100 are available,
which are for example polypyrrole 6FDA/PMDA (25/75)-TAB and PVSH doped polyaniline [148].
However, Baker reported that only nine polymer materials are commercially applied in gas perme-
ation [9]. Hence, a number of criteria have to be met by a commercial membrane material: (i) it has
to be inexpensive, (ii) it has to be manufactured in large quantities and (iii) it has to thermally and
chemically stable. The effect of pressure dependent permeance should only influence the separation
performance of the first membrane stage due to high CO2 partial pressures. In the second stage
the CO2 feed mole fraction is low while in the third stage only low pressure are applied. Thus, the
separation performance of these stage can be considered as ideal.
A flowsheet of the three stage gas permeation process was set up in Aspen Plus Dynamics to investi-
gate the dynamic behavior of the upgrading process. Variations in the feed conditions were analyzed
and two process control schemes are proposed to efficiently maintain the product gas purity even if
168
8.2 Summary process design
strong changes in the feed gas conditions are enforced. Both control schemes are able to overcome
the impact of changed feed conditions within less than 30 seconds and both do not require additional
process equipment such as compressors or vacuum pumps.
Membrane hybrid processes often demonstrate a superior behavior compared to the individual gas
separation processes. Here, we investigated membrane hybrid processes in which the gas permeation
membrane is used for bulk separation and the conventional equipment performs the final purification.
In a second configuration the conventional gas separation equipment is used to recover CH4 from
the membrane stage permeate. Pressurized water scrubbing, amine absorption, cryogenic separation
and the combination of a membrane and a combined heat and power engine were analyzed. In
general, the individual, conventional processes would benefit from a combination with membrane
technology since the specific upgrading costs are reduced. For the cryogenic separation the use of
a membrane is mandatory since its application reduces the upgrading costs drastically so that this
technology becomes competitive to other separation techniques in biogas upgrading.
The three stage gas permeation process was included into an entire process optimization in which
the removal of CO2 together with desulfurization and gas drying was investigated. Various unit
operations for each separation step have been implemented. For a base case scenario the three
stage gas permeation process combined with an activated carbon adsorber for desulfurization and
a silica adsorption for gas drying is the most profitable process configuration. By increasing the
electricity costs, the costs for the membrane or by reducing CO2/CH4 membrane selectivity, the
gas permeation process is replaced by an amine absorption process. For this particular process a
rough desulfurization is required prior to the amine absorption. A fine desulfurization using acti-
vated carbon and a gas drying with silica have to be installed downstream of the amine absorption.
However, for a wide range of parameter the three stage membrane process seems to be the best
process configuration.
Ultimately, membrane based gas permeation using a process configuration in which high CH4 recov-
eries are achieved can compete and even outperform existing biogas upgrading techniques. However,
the profitability of the upgrading process strongly depends on the process conditions and the costs
for utilities.
8.2 Summary process design
Within the frame of this work, various process and optimization models have been developed and
implemented. For process simulation the AspenTech platform was used, in particular, Aspen Custom
Modeler, Aspen Plus and Aspen Dynamics have been applied. Process optimization has been done
with the General Algebraic Modeling System (GAMS) in combination with the BARON solver.
The rigorous model of a hollow fiber gas permeation module presented in Chapter 3 includes various
non-ideal effects which influence the operation of such a gas permeation module. The model equa-
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Figure 8.1: Simulation and optimization tools developed within the frame of this work.
tions have been implemented independently of the applied gas mixture so that this model can easily
be applied to any other gas mixture. The model has been applied to simulate various other gas
permeation processes including: argon recovery from process synthesis gas, olefin-parafin separation,
enthalpy recovery for air conditioning, dehydration of supercritical CO2, and siloxane removal from
process exhaust gases.
Two optimization models have been implemented into GAMS, one which is dedicated to optimize
gas permeation processes and the second which was implemented to optimize gas separation pro-
cesses. The model for optimization of gas permeation processes can be used to optimize any gas
permeation process. Since models for all driving force generation methods have been accounted for
a broad range of different processes can be investigated and the optimization is not limited to the
separation of CH4 and CO2. However, material properties such as permeances or selectivities have
to be specified in case that the Robeson Plot is not used in the optimization.
The model for optimizing gas separation processes in general, includes chemical and physical absorp-
tion, adsorption and gas permeation processes to remove H2S, CO2 and H2O from CH4. However,
the general formulation of all model equations allows for applying the optimization model to other
gas separation than biogas upgrading. It has to be noted that numerous parameters for the various
processes have to be provided and that the variable bounds have to be adapted.
The simulation and optimization models developed here, provide a framework for systematic design
and evaluation of gas permeation processes (see Figure 8.1). Both short cut optimization models
allow for a quick but reliable identification of the most promising process layout including process
parameters. The rigorous model (Aspen) facilitates a detailed analysis of the optimal process layout.
Even dynamic simulations can be performed for gas separations with fluctuating feed conditions
or product gas requirements. Furthermore, complex process configurations where gas permeation
stages are combined with conventional process equipment can be analyzed.
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Figure 8.2: Illustration of the three stage gas permeation process which can be used to provide
negative electrical control energy when a surplus of solar and wind power is produced.
When the electrical base demand cannot be covered by solar and wind power, the prior
injected biogas provides the electrical energy by driving gas turbines.
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Figure 8.3: Raw biogas storage to decouple the biogas upgrading from the biogas production pro-
cess.
8.3 Outlook
In general, membrane processes are easy to operate and can start and shut down in short periods.
Thus, the three stage gas permeation process is particularly interesting for smoothening peaks in
the electrical grid. Here, the bioas upgrading process only operates when excessive solar and wind
power is available. In case that solar and wind power cannot cover the electrical base demand, the
biogas prior injected to the natural gas grid can efficiently be converted into electrical energy by
driving gas turbines or large combined heat and power cycles. Figure 8.2 illustrates such a process
configuration. To operate this process large raw gas storage tanks are required. Concepts to store
large quantities of raw gas are under investigation. For example, long robust polymer tubes with
diameters of less than 2 m and a length of approximately 30 m have been installed on underused
areas in the agricultural production (see Figure 8.3). Vertical constructions would even reduce the
footprint of such systems.
Biogas upgrading processes do not only provide a CH4 rich product but also an exhaust gas stream
enriched in CO2. The CO2 mole fraction in the exhaust gas can be as high as 99 % which is at-
tractive for chemical processes where CO2 is used as a feedstock to supply carbon. One interesting
example is the production of formic acid [194] which is a base chemical with a world production of
517000 tons/a (2003) [195].
Together with H2, CO2 can be used as feedstock for methanation [196]. This is particularly in-
teresting for biogas upgrading due to a further increase in the CH4 yield. The reaction equation
is [197]:
CO2 + 4H2 → CH4 + 2H2O ∆H = −252.9
kJ
mol
(8.1)
Figure 8.4 shows a process in which the permeate of the third membrane stage is fed to a metha-
nation reactor. The H2 required for the methanation can be provided by electrolysis of water (17
MJ/m3(STP)) [178]. For H2 capacities of more than 500
m3(STP )
h
H2 is commonly produced by
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Figure 8.4: Three stage biogas upgrading process which is combined with a methanation reactor.
Here, the CO2 in the exhaust gas of the upgrading process is the feed stock for metha-
nation reaction. The product gas from the methanation contains CH4, CO2 and H2. An
additional gas permeation unit upgrades the CH4 content and recycles the unreacted
CO2 and H2 to the methanation reactor.
steam reforming of natural gas or naptha with a downstream pressure swing adsorption unit to
separate H2 and CO [198]. However, in case that electrical energy is inexpensively available from
renewable sources, electrolysis of water can be applied for large scale H2 production.
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